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1. Introduction



1. 1. Reactor design for achieving “Process Intensification”

“Process Intensification (PI)” has been attracting a great deal of attention in the
field of chemical engineering. Imperial Chemistry Industries Ltd. in England first
suggested the concept of PI for the construction of compact plants (Ramshaw, 1983). At
the time of suggestion, “intensification” had the same meaning as “miniaturization of
the reactor” because improvement of safety was the main objective. However, the
definition of PI has changed over the decades. At present, the concept of PI as defined
by Stankiewicz and Moulijn (2000) has been widely accepted. They defined PI as
having the objective of making a quantum leap in process/plant efficiency with respect
to space, time, energy, raw materials, environment, etc. From a practical viewpoint, PI
can be regarded as a toolbox that is classified under two domains: a “hardware” domain
(equipment) and a “software” domain (methods) as shown in Fig. 1-1. Figure 1-1 also
shows a number of examples of novel equipment and methods used to intensify
chemical processes. Overlaps between these two domains are observed in several cases
because new processes are required for PI (Stankiewicz, 2005).

Reay et al. (2008) proposed two strategies of reactor design leading towards PI:
1. PI significantly enhances transport rates.
2. PI gives every molecule the same processing experience.
If perfect mixing and heat/mass transfer within the reactor are accomplished, the
reaction proceeds at its inherent rate. However, the reaction does not proceed at its
inherent rate in a larger stirred tank reactor because it is limited by incomplete mixing,
or the insufficient specific interfacial area for heat/mass transfer within the vessel. In

order to perform the reaction at its inherent rate, it is necessary to remove such
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limitations. Thus, enhancement of transport rates, i.e. mixing and heat/mass transfer, is
crucially important for PI. Moreover, the quality of products becomes uniform if every
molecule experiences the same processing, leading to a reduction of byproducts. As a
result, the total size of processes can be reduced because a post-processing apparatus,

such as equipment for separation of byproducts, is unnecessary.

| Process Intensification |

| |

| Equipment |<— — Methods
E—

! | | ! | |

Equipment for
carrying out
chemical reactions

Equipment for Multifunctional Hybrid Alternative Other
operations reactors separations energy sources methods

not involving
chemical reactions

Examples

Spinning disk reactor Static mixers Reverse-flow Membrane  Centrifugal fields  Supercritical fluids
Static mixer reactor Compact heat reactors absorption Ultrasound Dynamic (periodic)
Static mixing catalysts ~ exchangers Reactive distillation Membrane  Solar energy reactor operation
Monolithic reactors Microchannel Reactive extraction distillation Microwaves
Heat exchange reactors  heat exchanger Reactive crystallization ~ Adsorptive  Electric fields
Supersonic gas/liquid Rotor/stator Chromatographic distillation ~ Plasma technology
reactor mixer reactors
Jet-impingement Rotating packed Periodic separating
reactor beds reactors
Rotating packed-bed Centrifugal Membrane reactors
reactor absorber Reactive extrusion

Reactive comminution

Fuel cells

Fig. 1-1 Process intensification and its components,
from the paper by Stankiewicz and Moulijn (2000)



Another important concept of PI is “conversion from batch to continuous operation”.
Continuous reactors are usually smaller than equivalent batch reactors. Because batch
vessels are tied to the ‘batch cycle’, meaning that much time is spent on processes such
as filling, emptying, cleaning, heating and cooling, during which their space-time yield
is reduced, the reactor does not generate the product during these processes (Boodhoo
and Harvey, 2013). In contrast, the continuous operation leads to several benefits, such
as:

QO Improved control

Q Better product quality

QO Less hazardous operation

QO Reduced running costs

In a continuous reactor, residence time distribution (RTD) is classified into “perfect
mixed type (broad RTD)” and “plug flow type (narrow RTD)” (Levenspiel, 1999). In
order to achieve tight control of processing history, the reactor having a plug flow
property is desirable. Summarizing the strategy of reactor design to achieve PI, a
continuous reactor that has both sufficient mixing performance and narrow RTD is
necessary.

Conventional chemical processes usually have some “bottlenecks”. In order to
achieve PI, bottlenecks for the system should be understood, and overcome based on the
above-mentioned strategies of reactor design. As a result, new types of reactors are
required for PI. For example, Jongen et al. (2003) applied a segmented flow tubular
reactor (SFTR) to the synthesis process of fine particles, as shown in Fig. 1-2. In this
process, the shear-rate in the reactor significantly affects the particle size distribution.

The wider distribution of shear-rate in the conventional stirred tank reactor leads to a
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wider distribution of particle size. In order to overcome this bottleneck, uniform mixing
is desirable. The SFTR is composed of a micromixer where the co-reactants are
efficiently mixed, and a segmenter in which the reaction mixture is separated with
immiscible fluid into micro-batch volumes or liquid “bubbles” in a continuous mode.
Each micro-batch then circulates through a tube with identical residence times within
the tubular reactor. The segmentation with the immiscible fluid produces a quasi-plug
flow and avoids any back-mixing. Jongen et al. (2003) showed that the particles
obtained using the SFTR has a narrow distribution of particle size and particles are

more homogeneous compared to batch synthesis.

Tubular reactor
Reactant 1

>-m T

1\ Reactant Immiscible
mixture fluid

Immiscible fluid

Fig. 1-2 Schematic picture of SFTR,
from the paper by Jongen et al. (2003)



Another successful example of process design for PI is an oscillatory baffled reactor
(OBR) shown in Fig. 1-3. The OBR is a novel type of continuous reactor, in which
tubes fitted with orifice plate baffles have an oscillatory motion superimposed upon the
net flow of the fluid. The interaction of the baffles with the oscillatory motion of the
fluid generates excellent mixing and enhanced transport rates, whilst maintaining a
close approach to plug flow (Stonestreet and Harvey, 2002). Aiming at PI of bioprocess
using the OBR, Ni ef al. (1995) and Ni and Gao (1996) investigated the mass transfer
characteristics between gas and liquid. Although the conventional stirred tank reactor is
used in bioprocess, obtaining the sufficient gas hold—up and specific interfacial area is
difficult. This is one of the bottlenecks of bioprocess. On the other hand, it is expected
that vortices in the OBR capture more bubbles and this leads to higher gas hold—up and
large specific interfacial area between gas and liquid. As a result, they successfully
showed that the volumetric mass transfer coefficient in the OBR was on average 75%
higher than the one in the conventional stirred tank at the same power density.
Furthermore, Abbott ef al. (2014) reported that the OBR has the potential to intensify
the enzymatic saccharification process with lower power consumption than a stirred
tank. As with the SFTR and OBR, a Taylor—Couette flow reactor has quite simple

geometry and has potential for PI.
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Fig. 1-3 Schematic picture of OBR,
from the paper by Stonestreet and Harvey (2002)

1. 2. Taylor—Couette flow reactor

The flow between two concentric cylinders with the inner one rotating has been
studied from various points of view for many years. Taylor (1923) first investigated the
instability of such a flow system and found that, when the Reynolds number (Re)
exceeds a critical value, Re, there appear pairs of counter-rotating toroidal vortices
spaced regularly along the cylinder axis, arising from the basic shear flow (Couette

flow), as shown in Fig. 1-4. Re is defined as follows,
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R.
Re:% (1_1)

where p is the fluid density, R; is the inner cylinder radius, @ is the angular velocity of
inner cylinder, d is the gap width and 7 is the fluid viscosity. Taylor—Couette flow
dynamics for Newtonian fluids has been investigated by many researchers (e.g. Davey,

1962; Coles, 1965; Andereck et al., 1986; Stuart, 1986; Kataoka, 1986).

Unitary vortex cell
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Fig. 1-4 Schematic picture of Taylor—Couette flow



(b)

Fig. 1-5 Taylor—Couette flow
at (a) Re = 212(laminar Taylor vortex flow), (b) Re = 994 (wavy vortex flow),
and (c) Re = 3862 (weakly turbulent wavy vortex flow)

As shown in Fig. 1-5, Taylor—Couette flow shows the transition sequence from Couette
flow to turbulent vortex flow with an increase of Re. The fluid flow was visualized
using a vertical Taylor—Couette flow reactor (TCFR) of Ri/R, = 0.66 (R; = 25.0 mm, R,
= 38.0 mm) and 4 = 300 mm, with 40 wt% glycerol solution seeded with Kalliroscope
AQ-1000 flakes (Matisse and Gorman, 1984; Savas, 1985). Since the toroidal motion of
fluid elements causes highly effective radial mixing and heat/mass transfer within each
vortex cell, each cell can be regarded as a well-mixed batch vessel. (Kataoka, 1975;

Kataoka et al., 1977). Additionally, all the fluid elements leaving the annulus have the
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same residence time when a relatively small axial flow is added (Kataoka et al., 1975).
Therefore, the reactor enables converting a batch operation to a continuous one. For
these reasons, TCFR has been applied to various chemical processes and has
successfully showed its superiority to the conventional stirred tank reactor (e.g. Kataoka
et al., 1995; Ogihara et al., 1995; Sczechowski et al., 1995; Giordano et al., 2000; Lee
and Lueqtow, 2001; Dutta and Ray, 2004; Orlowska et al., 2014). Most applications,
however, have been limited to simple fluid processes in which the interaction between

molecules or phases can be neglected.

1. 3. PI of chemical processes with complex fluids

Interactions between molecules or phases significantly influence the fluid flow.
There are a wide variety of industries dealing with fluids having such interactions that
cannot be neglected, and these fluids are called “complex fluids”. For example,
polymeric fluids consist of many polymer chains. Because of the interaction between
polymer chains, many polymeric fluids show non-Newtonian behavior, especially a
shear-thinning property: the viscosity decreases with increasing shear-rate. This
non-Newtonian behavior causes several distinct flow phenomena, reviewed in many
books and papers (Skelland, 1967; Elson et al., 1986; Bird et al., 1987; Larson, 1988;
Galindo and Nienow, 1992; Amanullah ef al., 1998; Larson, 1998; Ascanio et al., 2004;
Fontaine et al., 2013). Moreover, multiphase flow appears frequently in chemical
processes, e.g. bubble columns, packed columns and bioreactors, and phase interactions
extremely complicate the flow field in the reactor (e.g. Landeghem, 1980; Abubakar et

al.,2014; Wang et al., 2014 ).
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In this study, representative examples of complex fluid processes were selected: the
non-Newtonian fluid process that is strongly affected by the molecule interaction; and
the gas—liquid two-phase flow process that is strongly affected by the phase interaction.

In the non-Newtonian fluid process, one of the most serious problems is the
viscosity distribution in connection with the distribution of velocity gradient in the
reactor. Because this viscosity distribution causes the formation of poor fluidity region,
the viscosity distribution, i.e. the shear-rate distribution, should be suppressed.
Furthermore, in many non-Newtonian fluid processes, the fluid viscosity intricately
changes during a reaction. Because of this, optimization of the impeller is difficult if a
stirred tank reactor is used. Further, there is a basic bottleneck for the reactor design of
non-Newtonian fluid processes.

Fluid flows are governed by the Navier—Stokes equations. When the Navier—Stokes
equations are expressed in a non-dimensional form, two non-dimensional parameters,
Re and Fr (Froude number), appear in the forms of 1/Re and 1/Fr, as shown in Eq.

(1-2).

—+\u -V =—Vp +—V - \Vu +Vu |+— 1-2
o ( )” Pt o (1-2)

where u is the velocity, ¢ is the time, p is the pressure, p is the density, u is the viscosity,
and g is the gravitational acceleration. The asterisk symbol denotes the non-dimensional
form. For a forced convection, Eq. (1-2) shows that Re is the only flow parameter
because Fr ~ oo. Therefore, fluid flows and reactor design are controlled based on Re.

Theoretically speaking, the scale up or down for a Newtonian fluid process can be
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conducted by keeping V' x L constant. However, in a non-Newtonian fluid process,
because the viscosity spatially changes in connection with the distribution of velocity
gradient (/L) in the reactor, the definition of Re becomes complicated. Keeping both V
x L and V/L constant is nearly impossible. Thus, because the scale up or down based on
Re is impossible, another parameter which expresses the flow condition is necessary. As
Ohta (2013) pointed out, the practical construction of effective Re, Rees, for the system
based on the effective viscosity, 7.s, is required for design of non-Newtonian fluid
process.

Meanwhile, gas—liquid two-phase flow is frequently encountered in the overall
industrial processes, especially food processes or bio-processes. In such processes, the
traditional stirred tank reactor is usually used. For process design and control, one of the
most important parameters is the volumetric mass transfer coefficient. Many researchers
have made an effort to construct a correlation between the volumetric mass transfer
coefficient and the operation conditions in stirred tanks (Schliiter and Deckwer, 1992;
Kapic and Heindel, 2006; Ungerman and Heindel, 2007; Labik et al., 2014). Their
results indicate that a higher rotational speed of impeller is necessary for keeping more
bubbles in the tank. In addition, the higher rotation of impeller enhances the mass
transfer. However, the high shear force caused by the high rotation of impeller damages
enzymes or microorganisms in food processes and bioprocesses (e.g. Ganesh et al.,
2000; Gunjikar et al., 2001). On the other hand, the sufficient mass transfer under low
rotational speed cannot be conducted. This trade—off relation is the bottleneck. A mild

but effective mixing is required for these processes.

TCEFR is suitable for PI of these processes with complex fluids, for non-Newtonian
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fluid process and for gas—liquid two-phase flow processes. Because TCFR has a narrow
gap, the shear-rate distribution can be suppressed compared with the traditional stirred
tank reactor. Further, it has a mild but effective mixing performance compared with the
traditional stirred tank reactor. From the viewpoint of strategies of reactor design toward
PI, TCFR is a satisfactory reactor. For these reasons, the potential of PI with complex

fluids was investigated in this study.

1. 4. Construction of this thesis

Based on the above sections, the construction of this thesis is as shown in the
schematic chart Fig. 1-6.

In Chapter 1, the general introductions about PI, Taylor—Couette flow and complex
fluids were described.

In Chapter 2, the construction of Re for Taylor—Couette flow with non-Newtonian
fluids was attempted. How to estimate 7 is the key to defining Ree. First, the
viscosity distribution was clarified by numerical simulation. Subsequently, based on the
effective viscosity estimated from the distribution, Re.sr was defined.

In Chapter 3, the TCFR was applied to a starch hydrolysis process as a typical
example of non-Newtonian fluid process. Starch hydrolysis is a process for the
production of reducing sugar from starch suspension, and is conducted under a batch
operation. In this chapter, the starch hydrolysis process was converted from the batch to
the continuous operation using the TCFR. The key operation of this process is mixing of

gelatinized starch with enzymes. The effect of flow condition on the sugar yield was
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investigated based on the Re.sr defined in Chapter 2.

In Chapter 4, the gas—liquid two-phase Taylor—Couette flow was investigated. In
order to overcome its bottleneck, it is necessary to enhance the centrifugal force and to
stabilize the vortex structure even at a relatively lower rotational speed of inner cylinder.
Therefore, in this chapter, a novel TCFR with a ribbed inner cylinder was emplyed.
Further, the effect of the novel TCFR on mass transfer between gas and liquid was
investigated.

In Chapter 5, the studies in Chapter 2—4 were concluded. Additionally, future work

toward PI of complex fluids was described.
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Chapter 1
Suggestion of TCFR
complex fluid processes

/

~

Non-Newtonian fluid flow
(molecule interaction)

Chapter 2
Definition of Re g
(bottleneck)

’
Chapter 3

Evaluation of performance
for chemical reaction

™~

Gas—liquid two-phase flow
(phase interaction)

Chapter 4
Enhancement of centrifugal force
by ribbed inner cylinder
(bottleneck)

P

Evaluation of mass transfer

e

Chapter 5
Acquirement of principle
of TCFR design toward PI

Fig. 1-6 Schematic chart of this thesis
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Nomenclature

d : gap width, m

D :representative length, m

Fr  : Froude number (= V*/Dg), -

g - gravity acceleration (= 9.8 m/s?), m/s”
h : height of apparatus, m

L : representative length, m

p : pressure, Pa

Re :Reynolds number (= pR;awd/n), -

Re.; : critical Reynolds number, -

Recsr : effective Reynolds number (= pR;wd/ 1esr), -

R; : inner cylinder radius, m

R, :outer cylinder radius, m

t : time, s

u : velocity, m/s

V' :representative velocity, m/s
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Greek letters

n : fluid viscosity, Pa-s
nee  : effective viscosity, Pa-s
P  fluid density, kg/m’

@  :angular velocity of inner cylinder, rad/s
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2. Effective Reynolds number

for Taylor—Couette flow
with non-Newtonian fluids

-25-



2. 1. Introduction

In non-Newtonian fluid processes (e.g. food processing, polymerization process and
bioprocesses etc.), the viscosity spatially changes in connection with the distribution of
the velocity gradient in the reactor. This viscosity distribution causes serious problems.
For example, in a traditional stirred tank, a cavern around the impeller is formed with
strong shear-thinning fluid which is the most popular fluid among non-Newtonian fluids,
and there are many dead zones in the continuous stirred tank reactor (Saeed and
Ein-Mozaffari, 2008; Patel et al., 2011). Therefore, Niederkorn and Ottino (1994) state
that the current practice of designing industrial mixers for non-Newtonian fluids is more
art than science. On the other hand, a TCFR mixes the fluid in the narrow gap, which
can suppress the distribution of velocity gradient and consequently reduce the viscosity
distribution. Therefore, the TCFR is especially advantageous in application to
non-Newtonian fluid processes. In fact, Hubacz and Buczynska (2011) and Hubacz et al.
(2013) applied the TCFR to starch gelatinization selected as a typical example of a
shear-thinning fluid process. These studies reported that the enhanced heat transfer and
mixing due to Taylor vortices improved starch gelatinization. However, it has been
difficult to predict a transition point from circular Couette flow at which Taylor vortices
first appear. Numerical simulation using rheological properties of the effluent is the only
way to prove whether Taylor vortices generate or not.

From the viewpoint of practical applications, the definition of an effective Reynolds
number (Recfr) for the non-Newtonian fluid system is crucially important. The reason for
the difficulty in predicting the critical condition has its roots in the insufficiency of

definition of Re for the non-Newtonian fluid system, especially shear-thinning fluid
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system (Alibenyahia et al., 2012). In other words, how to appropriately define the
effective viscosity, 7., 1S the key to defining Re.s. In order to determine the effective
viscosity, the viscosity distribution in a TCFR should be clarified. Computational fluid
dynamics (CFD) can be a powerful tool for investigating not only the flow condition but
also the viscosity distribution in the reactor. Sinevic et al. (1986) first determined the
onset of Taylor vortices for shear-thinning fluids by measuring the torque exerted by the
fluid on the rotating inner cylinder. The Re., varied with the strength of shear-thinning
properties, and they could not find any correlation between Re. and shear-thinning
properties. Jastrzebski et al. (1992) determined the critical Taylor number, 7a, from a
linear stability analysis. 7a has the same physical meaning as Re. They concluded that
the shear-thinning property had a destabilizing effect. Lockett et al. (1992) defined Ta,
using 2D numerical simulation and found that the stabilizing or destabilizing effect
induced by the shear-thinning property depends on the radius ratio. Coronado-Matutti et
al. (2004) investigated the onset of instability by using 2D numerical simulation. They
concluded that if 7a was defined based on the viscosity at y= Riw/ d, the Ta,, calculated
for Newtonian fluid could be diverted for an estimation of the onset of instability for
shear-thinning fluids. Nevertheless, the rheological parameters used in their study were
such that the viscosity profile hardly departed from that of a Newtonian fluid. For the
shear-thinning fluid system, it can be summarized that there is no practical basis
because of the variability of Re;.

In this chapter, focusing on shear-thinning fluids, the definition of Re. was
discussed. Furthermore, in order to estimate the approximate Re.s from rheological
properties and the operational condition, the construction of a correlation equation

between the rotational speed of the inner cylinder and the effective shear-rate, yr,
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resulting to 7. was attempted. The Recr calculated by the correlation equation allows to
judgment of whether Taylor vortices are generated or not without numerical simulation.
Finally, the critical condition predicted by the correlation equation was validated

through the experiment of flow visualization.

2. 2. Numerical simulation and experiment
2. 2. 1. Governing equations

The fluid was considered as an incompressible shear-thinning fluid. In a
three-dimensional calculation, the governing equations of the shear-thinning fluid flow

are the conservation equations of mass and momentum given by

V-u=0 (2_1)

g—u+(u-V)u=—@+lv‘(277D)+g (2-2)
‘ p P

where u is the velocity, # is the time, p is the pressure, p is the density, 77 is the viscosity
depending on the shear-rate, D (= (Vu + Vu'") / 2) is the rate of deformation tensor, and
g is the gravitational acceleration. In this simulation, the steady state was assumed.

For most of all practical shear-thinning fluids, viscosity against shear-rate curves

exhibit two Newtonian plateaus in low and high shear-rate regions and the power-law
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property in the transition region. As the Carreau model (1972) takes these features into
account, the model is the most flexible in comparison to other rheological models, such
as the power-law model. Furthermore, contrary to the power-law model that predicts an
infinite viscosity at the limit of zero shear-rate, the Carreau model leads to a smooth
transition to a constant viscosity at the limit of zero shear-rate. This smooth transition is
useful for numerical simulation. This study, therefore, adopted Carreau model to express

the shear-thinning property:

n=0 -+ (B 77"+, (2-3)

where y is the shear-rate, 7 is the zero shear-rate viscosity, 77, is the infinite shear-rate

viscosity, [ is the characteristic time and » is the power index. Here, the shear-rate is

defined as 7 =J2D:D , which is the magnitude of the rate of deformation tensor.
When the square root is taken, the sign must be so chosen that y is a positive quantity.
70 1s usually much larger than 7, for shear-thinning fluids and it follows that the value
of 717, could be ignored in this simulation (Bird et al., 1987). A simplified Carreau model

that is used in the numerical algorithm is given by Eq. (2—4):

n=mfi+(8-3y]""" (2-4)

The value of 7, strongly depends on the kind of fluids, e.g. 770 = 86.5 Pa-s for 1wt%
carboxymethyl cellulose solution with 60wt% glucose (Fontaine et al., 2013), 1o = 0.78

Pa-s for milk (Matsumoto et al., 2015), 1y = 0.56 Pa-s for blood (Cho et al., 1991) and
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1o = 0.022 Pa-s for 0.02wt% polyacrylamide solution (Poole et al., 2004). From the
viewpoint of process design using the TCFR, an extremely high viscous fluid such as a
polymer melt is undesirable because an unrealistic rotational speed of the inner cylinder
is required to generate Taylor vortices. For example, the critical rotational speed of the
inner cylinder, @, is 13,120 rad/s for R; = 0.0125 m and R, = 0.0175 m if the fluid
viscosity is 10 Pa-s. Practically, a maximum @ is about 100 rad/s with a standard motor.
Thus, the value of 779 was fixed at 0.2 Pa-s as a moderate viscosity. #n and f indicate the
slope of decreasing viscosity with the shear-rate and the inverse of the shear-rate where
the viscosity begins to decrease, respectively. Both values of » and £ are much
influenced depending on the fluids in the practical applications (Yasuda et al., 1981).
Yap et al. (1979) and Escudier ef al. (2005) summarized the Carreau model parameters
for various shear-thinning fluids. For many shear-thinning fluids, the value of n is
usually 0.3—0.7, which is the same range as used in this chapter. However, the value of
f 1s widespread, from 0.01 to 100. If the value of £ is too small, the shear-thinning
property may not appear. Therefore, in this simulation, 2, 10 and 50 s were selected for

. The rheological properties of each fluid are summarized in Fig. 2—-1.
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Fig. 2—1 Rheological properties of shear-thinning fluids (=10 s)
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2. 2. 2. Computational system

A computational domain for the TCFR is shown in Fig. 2—2. The TCFR consisted of
concentric cylinders (length: L = 150 mm), a rotating inner cylinder (outer radius: R; =
9.5-15.5 mm) and a fixed outer cylinder (inner radius: R, = 17.5 mm). In other words,
the radius ratio (Ri/R,) varied from 0.54 to 0.89 and the gap width, d, varied from 2.0 to
8.0 mm. The origin of the coordinates was set at the center of the left wall of the inner

cylinder as shown in Fig. 2-2.

outer cylinder inner cylinder

N\

.................................................................................

X

Fig. 2—2 Computational domain of the TCFR

OpenFOAM® 2.3.0 code, an open-source CFD code, was employed for the

calculation. Because Cartesian coordinates are normally used in this software, a
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non-uniform grid is generated due to the calculation of annular flows such as
Taylor—Couette flow. For Taylor—Couette flow, non-uniform grids in Cartesian
coordinates can give sufficient results with a high calculation precision if the grid
configuration, including the number of grids, is appropriately chosen (Nemri et al.,
2013; Poncet et al., 2013). Thus, the number of non-orthogonal structured grids was
1,310,720 (32 x 64 x 640 in radial, azimuthal and axial directions, respectively), in this
study. Unequally spaced grids were selected because finer resolution near the cylinder
was necessary due to the steep velocity gradient (Hwang and Yang, 2004). The
dependency of the number of cells on the results will be discussed later.

With respect to the boundary conditions of velocity, the circumferential velocity at
the surface of the inner cylinder was set to R; x @ and the other walls were assumed to
be fixed (velocity is 0). For the boundary condition of pressure, the gradient was zero at
all walls. The governing equations were discretized based on a finite volume method,
and the second-order central difference scheme was applied to a convection and viscous

term. The SIMPLE scheme was used for pressure—velocity coupling.

2. 2. 3. Flow visualization

The fluid flow was visualized using the horizontal TCFR of Ri/R, = 0.71 (R; = 12.5
mm, R, = 17.5 mm) and L = 150 mm, as shown in Fig. 2-3. In order to maintain the
temperature of the fluid, water at 25°C was passed through the jacket. The 3 wt%
carboxymethyl cellulose (CMC; MP Biomedicals, LLC) and 0.1 wt% xanthan gum
(XG; Sansho Co., Ltd.) solution were selected as model fluids. The densities of solution

are 1011.6 kg/m’ for CMC and 1000.4 kg/m’ for XG. The flow pattern was visualized
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using an aqueous solution seeded with Kalliroscope AQ-1000 flakes (2 wt%). These
particles consist of small, light reflecting slabs that align themselves along streamlines.
The viscosity was measured at 25°C using a rotational rheometer (HAAKE Viscotester
550, Thermo Fisher Scientific Inc.). The rheological properties of CMC and XG are
shown in Fig. 2—4. Also, lines in the figure were drawn using the Carreau model with

the parameters shown in Table 2—1.

J] Motor controller
[

Outer cylinder Wz}ter jacket
Y v

—

| \ /
ﬁ Water at 25°C

I I \ Video camera

Fig. 2-3 Experimental set up for flow visualization
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Fig. 2—4 Rheological properties for 3 wt% CMC and 0.1 wt% XG solutions

N

Table 2—1 Carreau model parameters for CMC and XG

1 [Pa-s] 7. [Pa-s] n (-] Bs]
3wt% CMC 0.067 0.018 0.7 0.013
0.1wt% XG 0.088 0.001 0.5 0.4
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2. 3. Results and discussion

2. 3. 1. Validation of computational code

In the beginning, in order to validate the computational method, the experimental
result by Makino et al. (2001) was reproduced. The geometry of the cylinder system (R;
= 37.5 mm, R, = 50.0 mm, L = 45.0 mm) and conditions for the calculation were the
same as their experimental conditions stated above. Note that this geometry was used
only for validation of the computational code. In this calculation, Newtonian fluid was
assumed and Re was set at 358.7. The radius ratio was 0.625, and the aspect ratio was 2.
The mesh number was 16 x 64 x 32 in the radial, azimuthal and axial directions,
respectively. Results of the present calculation and Makino’s experiment are
summarized in Fig. 2-5: (a) the velocity distribution on y-z plane, (b) the
circumferential velocity (Up) and (c) the axial velocity (U;). The numerical distribution
of Up within a vortex at the center of gap along the axis was compared with the
experimental one. Here, Uy means the circumferential velocity (Up =
(xUy—yUX)/(szryz)O‘5 ) and z means the axial position. The calculation results of velocity
distribution along inspected lines in Fig. 2—5 (a) were compared with the experimental
results. The slight deviation between the velocity obtained by numerical analysis and
the experimental measurement near the inner and outer cylinder in Fig. 2—5 (b) could be
explained by the experimental error. In fact, such difference is observed in the reference
(Makino et al., 2001). As shown in Fig. 2—5 (b) and (c), both numerical results for Uy

and U, corresponded with the experimental results.
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Fig. 2—5 Relationship between numerical and experimental velocity fields
at Re = 358.7;

(a) velocity distribution, (b) circumferential velocity and (c) axial velocity
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The dependency of the number of grids in the calculation result was investigated by
varying the number of grids. Here, Newtonian fluid (77 = 0.002 Pa-s) was assumed, and
Re was set at 87.0. Here, Ri/R, was 0.71, and the aspect ratio was 30. The number of
grids was 32 x 64 x 640 (system-1), 40 x 64 x 320 (system-2) or 32 x 80 x 640
(system-3) in radial, azimuthal and axial directions, respectively. For each system, the
magnitude of velocity distribution at the center of the gap along the axis is shown in Fig.
2—6. Similarly, the distribution of shear stress at the inner cylinder surface along the axis
is shown in Fig. 2—7. Here, the velocity and shear stress were normalized by R;@ and
d/nR; o, respectively. In these two figures, no significant difference between the systems
could be observed. Therefore, in this calculation, 32 x 64 x 640 meshes (system-1) was
selected to save time on calculations. Further, it is necessary to keep cell Reynolds
number (Reci1) below 2 when the central difference scheme is applied to the convection

term (Tanahashi, 1993):

pU(AV)'"
€ el :T (2_5)

R

Here, U; [m/s] is the local velocity magnitude, AV; [m’] is the cell volume and n; [Pa-s]
i1s the local viscosity. AV; was defined as Ax;xAy;xAz;. In all calculations, it was

confirmed the Rec.; was below 2.
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Fig. 2-6 Dependency of the number of grids
on the calculation results (velocity) at Re = 87.0
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Fig. 2-7 Dependency of the number of the number of grids
on the calculation results (shear stress at the surface of inner cylinder) at Re = 87.0
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2. 3. 2. Determination method of Re,,

Escudier et al. (1995) suggested the method to experimentally determine Re. by
focusing on the development of an axial velocity component at a certain location when
the rotational speed of the inner cylinder was increasing. This method can be extended
to the numerical determination of Re. (Coronado-Matutti et al., 2004). This study
focused on the growth of variation of the velocity magnitude along the axis. The
magnitude of velocity periodically varies above Re. along the axis due to the toroidal
motions of Taylor vortices. Figure 2—8 shows the distribution of velocity at the middle
of the gap along the axis for Newtonian fluid at Re = 80.0 and 82.2 in the case where
Ri/R, = 0.71. The variation of velocity grows from both ends with increasing Re due to
the effect of the Ekman layer (Sobolik et al., 2000). Because Taylor vortices fully
develop at Re.,, the velocity variation can be observed in the entire region along the axis.
In order to investigate the Re.,, the rotational speed of the inner cylinder was varied by
0.1 rad/s in each calculation near the Re. As shown in Fig. 2—8, the fully developed
variation of velocity magnitude could be first observed at Re = 82.2. On the other hand,
the development of velocity was in transition at Re = 81.1. Therefore, the Re, for Ri/R,
=(0.714 is simply inferred to be 82.2. The theoretical Re. for Ri/R, = 0.71 is about 81.1
(D1 Prima and Swinney, 1981). This difference can be ignored. In fact, this amount of
difference from theoretical Re., is shown when Re. is experimentally determined, e.g.
by measuring the torque exerted by the fluid on the rotating inner cylinder
(Coronado-Matutti et al., 2004). Therefore, the method for evaluating Re,,, focusing on
the growth of variation of the velocity magnitude along the axis as proposed here, has

sufficient accuracy.
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Fig. 2—8 Velocity distribution at the middle of the gap along the axis around Re.,
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2. 3. 3. Re,, for shear-thinning fluids

In order to estimate Re. for shear-thinning fluid flows in the stirred tank reactor,
Metzner—Otto method is widely used (Metzner and Otto, 1957). The outline of
Metzner—Otto method is as follows: 1) A power number, N, (= P / pnd’), against Re
(Ny—Re) correlation curve is drawn as a reference for a given Newtonian fluid, as shown
in Fig. 2-9. Here, N, is independent of the viscosity. 2) The power number for a
shear-thinning fluid is obtained from estimation of the power consumption, P, for the
same impeller. 3) The corresponding Re, is estimated from the correlation curve for the

Newtonian fluid, can be regarded as Recyr.

Ny
= (measured)

Re

Re

Fig. 2-9 N,—Re correlation curve for a Newtonian fluid
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According to Sinevic et al. (1986), for the TCFR, N, 1c is defined as,

Tw
Ny1e= pw' LR?

(2-6)
In this study, the torque, 7, was calculated from the shear stress exerted at the surface of

inner cylinder. Fig. 2—10 shows the N, _tc—Re correlation curve for the Newtonian fluid

at Ri/R,=0.71.

10 [ I T T TTTT] | I T T TTTT] | IIIIIIIE
O .

&

&
&

<z@><k><>
X

N, p TC [_]

0.1

001 I L1111l L I L RN
1 10 100 1000
Re [-]

Fig. 2-10 N, tc—Re correlation curve for Newtonian fluids at Ri/R, = 0.71
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Around Re = 80, i.e. the transition region from Couette flow to Taylor vortex flow, the
value of N, tc is almost constant (about 0.18). This means that it is difficult to identify
Reefr from this correlation if N, tc is near 0.18. Therefore, other method to determine
Recsr is required.

Meanwhile, for shear-thinning fluids, a generalized Re (Re,) is often applied
(Metzner and Reed, 1955; Kozicki et al., 1966; Giizel et al., 2009). The Re, for

Taylor—Couette flow is defined as follows:

Re = M (2-7)

© 77(7]}:1//0

where, V' is the representative velocity (usually R;@ in Taylor—Couette flow), and D is
the representative length (usually d in Taylor—Couette flow). Figure 2—11 shows the
dependency of the critical Re, for a shear-thinning fluid (n = 0.7 and = 10 s) on the
radius ratio (Ri/R,). The theoretical Re. for Newtonian fluid system was derived by
Taylor (1923) as shown in Eq. (2—-8). The theoretical Re., (Eq. (2—8)) denoted dashed

line in Fig. 2—11.

Ro - 7' (1+d/2R,) da\"” ,
" = 0.0571(1-0.652d/ R, )+ 0.00056(1—0.652d /R ) | R (2-8)

As shown in Fig. 2—11, the critical Re, was deviated from the theoretical Re., especially
for wider gap. From the practical viewpoint, the Re, is inconvenient because not only
the geometry (d and Rji/R,) but also the rheological parameters must be considered for

the prediction of the onset of Taylor—Couette instability.
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Fig. 2—11 The critical Re, for a shear-thinning fluid (n = 0.7, =10 s)

According to Kaminoyama et al. (2011), the power consumption, P, in the stirred
vessel is given by Eq. (2-9), assuming that P is a summation of the energy of viscous

dissipation throughout the whole fluid in the vessel.

N
P=) 7/nAV, (2-9)

i=1
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where N is the total mesh number, #; [Pa-s] is the local viscosity, j; [1/s] is the local
shear-rate and AV; [ms] is the cell volume. Here, AV; was defined as Ax;xAy;xAz;. The
distributions of 7 and y could be obtained from the results of numerical simulations of
the flow analysis. The temperature change due to the viscous dissipation energy was
negligible because the time scale for a heating time by the dissipation energy is typically
quite large in comparison with the time scale until the generation of Taylor vortices
(White and Muller, 2002). Eq. (2—-10) can be obtained by substituting the effective
viscosity, 7, into the local viscosity, 7i, so that 7. is independent of the local position

in the reactor.

N N
Y AV, =ng > 7IAY, (2-10)

i=1 i=1

Consequently, the term 7. can be obtained by Eq. (2—11) by rearranging Eq. (2—10).

N
Dy = (2-11)
27,
i=1

Eq. (2—11) implies that 7. can be given by an arithmetic mean of the local viscosity, 7,
using a weight of dissipation function, 7, at each point. This method for the estimation
of effective viscosity has been applied for other flow systems and verified, e.g.
Rayleigh—Bénard convection with shear-thinning fluids (Parmentier, 1978; Jenny et al.,
2015).

Figure 2—12 shows the dependency of Re. calculated based on the effective
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viscosity obtained by Eq. (2-9) on the radius ratio (Ri/R,) for various shear-thinning
fluids at constant f (= 10 s). The theoretical Re,; for Newtonian fluid system was
derived by Taylor (1923) as shown in Eq. (2—8). The theoretical Res (Eq. (2—-8))

denoted by the dashed line in Fig. 2—12.
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Fig. 2-12 Re,, for various shear-thinning fluids
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The Re,, for shear-thinning fluids shows good agreement with the theoretical Re.: except
the cases of n = 0.3 and Ri/R, < 0.7. This result indicated that Re. for a shear-thinning
fluid with smaller n tends to deviate from the instability theory in wide gap systems.
The smaller » means the stronger shear-thinning property that may lead to larger
viscosity distribution in wider gap systems. In order to investigate the effect of viscosity
distribution in the radial direction at Re.; on the deviation from theoretical Re.., the ratio
of the viscosity at the outer cylinder surface to the one at the inner cylinder surface at z

=0.075 m is summarized in Fig. 2—-13.

20 .

viscosity ratio [—]
=

Ri / Ro [_]

Fig. 2—13 Ratio of viscosity at the outer cylinder to the one at the inner cylinder
atz=0.075m
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As clearly shown in Fig. 2—13, the viscosity ratio becomes larger with the wider gap
and stronger shear-thinning property. However, the TCFR for chemical processes is
usually designed above Ri/R, = 0.7. For example, Ri/R, = 0.75 to gas-liquid contactor
(Ramezani et al., 2015), Ri/R, = 0.71 to emulsion polymerization (Kataoka et al., 1995)
and Ri/R, = 0.75 to photocatalytic reaction (Dutta and Ray, 2004). Furthermore, Fig.
2—14 indicates that the Re, is independent of S for n = 0.7 and 0.5 in the case of Ri/R, =
0.71. Therefore, it is concluded that Re. using 7. derived from Eq. (2—11) is applicable

to the TCFRs.

90 —— ——

R0 g = K |

iR

Qf 70 1
oOn=0.7
60 r On=0.5

50 R —
1 10 100

P sl

Fig. 2-14 Dependency of Re: on f for n = 0.7 and 0.5 in the case of Ri/R, = 0.71
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It is important to understand the radial position corresponds to 7. Figure 2—15
shows the viscosity distribution at Re,, in the radial direction (Ri/R, = 0.71) at the axial
position of the middle of apparatus, z = 0.75 m, where the end effect is not influenced.
Below the rotational speed at the formation of Taylor vortices, the viscosity
monotonically increased from the inner cylinder surface to the outer cylinder surface in
association with the shear-rate distribution (e.g. Alibenyahia et al., 2014). The viscosity
profile along the (r—R;)/d at Re. also increased monotonically. The position where the
viscosity was identical with the 7.s was defined as the representative radial position, 7*.
For example, 7.¢r were 0.0246 Pa-s for n = 0.7, the (»*—R;)/d could be identified to 0.28
from Fig. 2—15. As 7. for n = 0.5 and 0.3 were 0.00943 and 0.00399 Pa-s, the (r*—R;)/d
were identified to be 0.27 and 0.22, respectively. This means that the representative
radial position gradually shifted toward the inner cylinder surface with higher intensity
of shear-thinning property. In order to investigate the cause of this shift, the velocity and
shear-rate distribution in the radial direction were analytically derived. Figure 2—16
shows the profiles of (a) the circumferential velocity and (b) the shear-rate in the radial
direction for Newtonian fluid (z» = 1) and shear-thinning fluids (» = 0.7, 0.5, 0.3). The
velocity and the shear-rate were normalized by Riw and Riw/d, respectively. The
power-law model fluid was used for shear-thinning fluids due to the simplicity of

constitutive equation, as shown in Eq. (2—12):

n=Ky (2-12)

where K is a constant characterizing the fluid and is related to 70 (Bird et al., 2007). By
solving Navier—Stokes equation (Eq. (2-2)) with Eq. (2—-12), the circumferential
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velocity distribution in the radial direction for Couette flow was obtained, as Eq. (2—13).

_ ro ( ~2/n _r72/n)
T p-2/ -2/ o
RO n _Ri n

(2-13)

0

Furthermore, the shear-rate distribution in the radial direction is given by Eq. (2—14).

. dU, w om (2 2/n
7/=_ d}’e = R—Z/n _Ri—2/n {Roz +(;_ljr ’ } (2_14)

[}

Note that Couette flow was assumed because the flow condition below Re,, is sufficient
to be discussed in this section. As shown in Fig. 2—16 (a), the shape of velocity profile
changed from linear to parabolic with increasing of strength of shear-thinning property.
As a result, the shear-rate increased near the inner cylinder and decreases near the outer
cylinder in Fig. 2—16 (b). In other words, the magnitude of shear-rate inclined towards
the inner cylinder with increasing of strength of shear-thinning property. Because the
average viscosity was weighted with the dissipation function which is the square of 7,
the representative radial position was shifted toward the inner cylinder with increasing

of shear-thinning property.
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2. 3. 4. Prediction of critical condition

The procedure for the calculation of Res in section 2. 3. 3. requires CFD simulation.
In order to predict the critical rotational speed of inner cylinder, at which Reerr exceeds
Re;, without numerical simulation, it is necessary to find out the relation between the
operational condition and the effective viscosity. In other words, a simple method to
estimate the effective shear-rate from the operational condition should be constructed.
Figure 2—17 shows that the relation between the effective shear-rate and the rotational
speed of inner cylinder for (a) n = 0.7, (b) n = 0.5, and (c) n = 0.3, obtained by
numerical simulation. }}eff is the corresponding shear-rate to the 7. obtained from the
rheological properties (Fig. 2—1). The . is proportional to the rotational speed of inner
cylinder as shown in Eq. (2—15), and the proportional constant, £, is the function of the

geometry of apparatus (Ri/R,):

y =k (2-15)

This relation was quite similar to Metzner—Otto’s concept in the stirred tank (Metzner
and Otto, 1957), and the proportional constant could be treated in the same way as the
Metzner—Otto constant which is one of the most important parameters for designing the
impeller in a stirred vessel for non-Newtonian fluids. As previously described, the

proportional constants depend on the apparatus geometry.
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Figure 2—18 shows the dependency of k on the radius ratio for (a) n = 0.7, (b) n = 0.5
and (c) n = 0.3. For each n, the dependency of k£ on Ri/R, could be expressed by the

following parabolic equation with three parameters (4, B and C):

2
R. R.
k=A —| +B| — |+C -

Furthermore, Fig. 2—19 (a) — (c) shows the dependency of the values of 4, B and C on

rheological properties, n. From Figs. 2—18 and 2—19, Eq. (2—17) was derived.

2
k= 77.05n°'32(%J —88.73n°'3{%j +26.85n"% (2-17)

(¢ (4]

Jerr can be derived from the operational condition (), the rheological property (7) and
the apparatus geometry (Ri/R,) by using Egs. (2—15) and (2—-17). As a result, if the
rheological property of the fluid is measured in advance, Reqr can be calculated, and

Re; can be easily predicted by this procedure.
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Based on Eq. (2—17), the prediction of the critical condition was conducted through
an experiment of flow visualization. The value of k£ was 3.16 for CMC (n = 0.7) and
3.51 for XG (n = 0.5) when Ri/R, was 0.71. Furthermore, the critical rotational speeds of
the inner cylinder, @, were approximately estimated at 68.0 rad/s and 22.0 rad/s for
CMC and XG, respectively. Figure 2—20 shows the images of flow visualization for
CMC (a) at = 65.0 rad/s, Re.sr= 76.75 and (b) at o= 68.0 rad/s, Re.r = 80.93, and Fig.
2-21 shows the flow visualization for XG (a) at @ = 20.0 rad/s, Re.sr = 71.82 and (b) at
@ = 22.0 rad/s, Reesr = 82.62. As shown in Figs. 16 and 17, Taylor vortices were formed
above ax as predicted, and the prediction could be validated experimentally.

It is well known that Taylor vortices in viscoelastic fluids continuously oscillate in
the axial direction because of the elastic instability (Larson ef al., 1990; Shaqfeh et al.,
1992; Baumert and Muller, 1995). However, the oscillation phenomenon was not
observed for both CMC and XG. In future, it is necessary to check whether the

proposed method using Eq. (2—17) is available even for viscoelastic fluids.
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(a)

(b)

Fig. 2-20 Flow visualization of CMC
at (a) o= 65.0 rad/s, Reer=76.75, (b) w = 68.0 rad/s, Re.sr= 80.93
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(b)

Fig. 2-21 Flow visualization of XG
at (a) o= 22.0 rad/s, Reer=71.82, (b) w=23.0 rad/s, Recsr= 82.62
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2. 4. Conclusions

In this chapter, Reesr for the shear-thinning fluid system was defined based on the
average viscosity, 7., in the reactor using a weight of dissipation function. When Ri/R,
is larger than 0.71, Re. showed good agreement with the theoretical value for
Newtonian fluid. On the contrary, in the TCFR with wider gaps (less than Ri/R, = 0.71),
Re; for shear-thinning fluids deviated from the theoretical Re. especially for n = 0.3
due to a wider viscosity distribution. However, as the TCFR is usually designed above
Ri/R, = 0.71 in researches about its application to chemical processes, Re., is applicable
as the practical basis.

The 7 estimated from 7.g obtained by the numerical simulation was proportional
to the rotational speed of the inner cylinder. The proportional constant, &, depended not
only on the apparatus geometry but also on the rheological property. The correlation
equation for calculating k£ from Ri/R, and n was suggested. Furthermore, it was
experimentally confirmed that the equation made it possible to predict the critical
condition without numerical simulation.

Based on Reesr defined in this chapter, the flow condition of Taylor—Couette flow
with non-Newtonian fluids in the reactor can be identified. The basic bottleneck of

non-Newtonian fluid process was overcome.
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Nomenclature

: parameter in Eq. (2—-16), -
: parameter in Eq. (2-16), -
: parameter in Eq. (2—-16), -

: representative length, m

T T a % =

: rate of deformation tensor, 1/s
d : gap width, m

: gravity acceleration (= 9.8 m/s?), m/s”

g
K :flow consistency index, Pa-s"
k : proportional constant, -

L : length of TCFR, m
N, :power number, -

N, 1c : power number for Taylor—Couette flow reactor, -

n : power index, -

P :power consumption, J/s

p : pressure, Pa

r : radial position, m

r*  :representative radial position, -

Re : Reynolds number (= pRiwd /1), -

Recn : cell Reynolds number, -

Re. : critical Reynolds number, -

Re.r : effective Reynolds number (= pR;iwd / nesr), -

R; : inner cylinder radius, m
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R, :outer cylinder radius, m

T : torque, N-m

t : time, s

Ta  : Taylor number (= (pRiwd /n)(d / Ry)), -
Tae : critical Taylor number, -

U :velocity magnitude, m/s

U; :local velocity magnitude, m/s
U, :velocity in x direction, m/s
Uy :velocity in y direction, m/s
U, :velocity in z direction, m/s
Up : circumferential velocity, m/s

u : velocity, m/s

V' :representative velocity, m/s
X : position, m
y : position, m
z : position, m
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Greek letters

L :characteristic time, s

AV :volume of mesh, m®

y  :shear-rate, 1/s

% effective shear-rate, 1/s

7 :local shear-rate, 1/s

n  : fluid viscosity, Pa-s

1Mo : zero shear-rate viscosity, Pa-s
1 :infinite shear-rate viscosity, Pa-s
nee  : effective viscosity, Pa-s

n;  :local viscosity, Pa-s

p :fluid density, kg/m’

T : shear stress, Pa

@ :angular velocity of inner cylinder, rad/s

@ . critical angular velocity of inner cylinder, rad/s
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3. Process intensification of
continuous starch hydrolysis with
a Taylor—Couette flow reactor
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3. 1. Introduction

In the previous chapter (Chapter 2), Recs for non-Newtonian fluid systems was
proposed as the criteria for process design and control. In this chapter, in order to
intensify a chemical process, TCFR is applied to chemical reaction with non-Newtonian
fluids and the performance is evaluated based on Re.s. As a model reaction, an
enzymatic hydrolysis of starch is selected. This reaction is widely found in food
processing or bioprocess, etc. Starch is transformed into useful and added-value
materials used in many industries through the hydrolsysis.

The starch hydrolysis process consists of two steps; gelatinization and
saccharification, as shown in Fig. 3—1. The fluid denotes the significant increase in
viscosity in the gelatinization process, and the gelatinized starch become
non-Newtonian fluid having a shear-thinning property. On the other hand, the viscosity
of the fluid drastically decreases in the processing of enzymatic saccharification. One of
the major difficulties in designing the starch hydrolysis process is this sharp change in
the rheological property. Furthermore, the performance of gelatinization process
depends on heat transfer, while that of saccharification process depends on mixing in
the reaction. This difference of key factor between gelatinization and saccharification
makes difficult to convert a batch process to continuous one using a conventional stirred
vessel. At high concentration of starch suspension, conventional mixing operations with
a stirred vessel are difficult because gelatinized starch has extremely low fluidity and a
cavern is formed around the impeller. There are many challenges in overcoming these
problems. Kelder et al. (2004) applied a curved tube to starch gelatinization and

successfully showed a Dean vortex reduced a channeling phenomenon. However, the
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concentration of starch suspension was low (100 g/L) compared with the required
concentration in industry (300—350 g/L). In order to treat higher concentration of starch,
many researchers applied extruders to simultaneous gelatinization and saccharification
(e.g. Reinikainen et al., 1986; Komolprasert and Ofoli, 1991; Baks et al., 2008; Emin
and Schuchmann, 2013). However, because extruders were developed for the handling
of the concentrated gelatinized starch, it is not perfectly suitable for mixing in the
saccharification process. In order to improve the efficiency of continuous starch
gelatinization and saccharification, Paolucci-Jeanjean et al. (2000) proposed a
membrane reactor. However, the concentration of starch suspension was also limited to
100 g/L.

In this chapter, in order to improve the efficiency of the continuous starch hydrolysis
process at higher concentration of starch, TCFR was employed. In the gelatinization
process, the Couette flow is widely formed because of the high viscous fluid. The
Couette flow applies shear to the starch suspension and thus enhances heat transfer
compared with the case of no rotation. In addition, due to a shear-thinning property in
highly-viscous gelatinized starch, shear flow produced by the rotation of the inner
cylinder can reduce drag of fluid flow. Consequently, the gelatinized starch suspension
can be transported with lower pump input. In the saccharification process, the Taylor
vortex flow can be formed. The cellular vortex motion enhances mixing with enzyme as
well as heat transfer. It is expected that the TCFR can break through this difficulty and

achieve process intensification of continuous starch hydrolysis.
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Starch Suspension

gelatinization + heat

Gelatinized Starch

saccharification + enzyme

Glucose, Maltose

Fig. 3—1 Starch hydrolysis process
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3. 2. Materials and methods

3. 2. 1. Experimental apparatus

? 1‘ ‘1' /(6) T

Fig. 3-2 TCFR with water jackets, (1) Stationary outer cylinder (2) Rotating
inner cylinder (3) Starch suspension (4) Hot water (5) Variable temperature water

(6) Enzyme injection port (7) Insulator
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The experimental apparatus (Fig. 3—2) consisted of concentric cylinders (length:
300 mm), rotating inner cylinder (outer radius: 12.5 mm), the fixed outer cylinder (inner
radius: 17.5 mm) with a heating water-jacket. All parts of this apparatus were made of
stainless steel. The starch suspended in 25°C water was introduced into the gap between
the cylinders. The water jacket divided into two sections was employed for spatial
temperature control for the gelatinization process which requires high temperature and
the enzymatic saccharification process where moderate temperature is preferable. The
temperature of the anterior half part of the water jacket (gelatinization process: 0 — 150
mm) was 85°C and that of the posterior half part (saccharification process: 150 — 300
mm) was reduced to 35°C. By injecting enzyme (a-amylase: derived from Bacillus
licheniformis) at the middle point of the reactor, continuous starch hydrolysis was
conducted in the downstream. Initial starch concentration of the suspension, Cj, was
varied from 50 to 300 g/L. The axial velocity of starch slurries was 0.00024 m/s. The
rotation speed of the inner cylinder was varied from 0 to 97 rad/s. The experimental
conditions are summarized in Table 3—1. Furthermore, rheological properties of the
effluent were measured using a stress control rheometer (MCR-301, Anton Paar GmbH

or HAAKE Viscotester 550, Thermo Fisher Scientific Inc.).

-78-



Table 3—1 Experimental condition

Initial ungelatinized starch concentration Cy [g/L] | 50, 100, 150, 300

Inlet axial velocity of starch slurries u,, [m/s] 0.00024

Rotational speed of the inner cylinder @ [rad/s] 0,2,5,10,15,22,47,97

Inlet temperature T, [°C] 25

Temperature of gelatinization process Ty [°C] 85

Temperature of saccharification process Ty, [°C] | 35, 40, 55, 85

Enzyme volumetric flow rate v, [mL/h] 0.1,0.3,0.6,0.9, 1.8

Starch from wheat (Wako Pure Chemical Industries, Ltd.)

Termamyl 120L (a-amylase)

3. 2. 2. Gelatinization

The gelatinization of starch was conducted by using the TCFR. For this experiment,
enzyme was not used. This means that all parts of the reactor volume were utilized for
gelatinization. Thus, the temperatures of the two jackets were set at 85°C.

Samples (3 g) taken from the outlet were immediately dissolved in 50°C water of
100 mL and then the solution was kept at 50°C in a thermostatic bath in order to avoid

starch retrogradation. At this temperature, gelatinization does not proceed. Afterwards,
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0.5 mL of the solution was added to the mixture of iodine reagents 2.5 mL (0.15 % I,
and 0.5 % KI) and distilled water 4.5 mL. Finally, light absorbance of a wavelength 630
nm was measured at room temperature with a UV-VIS spectrophotometer (MPS2400,

SHIMADZU Co., Ltd.) to determine the degree of gelatinization.

3. 2. 3. Enzymatic saccharification

The anterior and posterior half parts of the reactor were used for gelatinization and
saccharification, respectively. The a-amylase was introduced through an enzyme
injection port installed at the middle of the reactor. The enzyme volumetric flow rate, ve,
was varied from 0.1 —1.8 mL/h through all the hydrolysis experiments. Samples of the
product were taken at the outflow of the apparatus. In order to stop enzymatic
saccharification, samples were cooled immediately to about 0°C and their pH was
reduced to 2 by the addition of HCI. The sample was centrifuged at 2000 G for more
than 1800 s to separate solids from the liquid phase. The concentration of the reducing
sugar was determined by the dinitro salicylic acid (DNS) method
(2-hydroxy-3,5-dinitrobenzoic acid, aqueous solution of 10 g/L 3,5-dinitrosalicylate, 16
g/L NaOH and 300 g/L potassium sodium tartrate 4-hydrate). With the addition of the
DNS reagent, the sample became an orange color and the concentration of the reducing
sugar, Ci, could be analyzed with the UV-VIS spectrophotometer at a wavelength of

540 nm.
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3. 2. 4. Numerical analysis

In order to understand and optimize the starch processing in the TCFR, a numerical
calculation is a powerful tool. The numerical simulation of starch gelatinization and
saccharification requires simultaneous calculation of flow hydrodynamics, heat transfer,
and starch gelatinization and saccharification rate. Such simulations also require
knowledge of a model describing rheological properties of wheat starch slurry during
the entire processes of gelatinization and saccharification. In the successive processes,
the apparent viscosity intricately changes. This viscosity change may cause serious
numerical problems. Hubacz ef al. (2013) experimentally proposed the rheological
model during gelatinization. Furthermore, using numerical simulation with the
rheological model, they successfully showed that Taylor vortices were effective for the
improvement of gelatinization. According to Hubacz et al. (2013), gelatinization
sufficiently could proceed until the enzyme injection point under this experimental
condition. Therefore, the numerical simulation in this study was limited to the
saccharification process (150 — 300 mm). However, there is no available model between
rheological properties and reaction kinetics for saccharification. Figure 3—3 shows the
relationship between the yield of reducing sugar, C./Cy, and rheological properties of
the effluent at Cyp = 50 g/L and T, = 45°C. Keeping the residence time, i.e. reaction time,
the yield was varied by controlling the volumetric flow rate of enzyme. As shown in Fig.
3-3, if a small amount of gelatinized starch is hydrolyzed, the viscosity dramatically
decreases. And, above C,/Cy = 0.11, the fluid viscosity was almost independent of
Ci/Co. From these results, because the viscosity decreasing occurs only at the initial

stage of saccharification, the effluent viscosity and density can be used for the
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representative physical properties in the saccharification process.
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Fig. 3-3 Rheological properties of effluent at various v. (Co =50 g/L, @ = 10 rad/s)
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In this simulation, fluids were considered as the incompressible fluid, and the
three-dimensional steady state was assumed. The governing equations are the

conservation equation of mass, momentum, heat and species given by

Vou=0 G-1)

Z—u+(u-V)u -2 1y .2pp)+g (3-2)
t pop

% (oC,T)+V-(oC,Tu)=V-(AVT) (3-3)

%(pXj)+V-(pXju)=V-(pD,~VXj) (-4

where u is the velocity, ¢ is the time, p is the pressure, g is the gravitational acceleration,
D is the deformation rate tensor, C, is the specific heat capacity, 7 is the temperature, 4
is the thermal conductivity, X; is the mass fraction of the species j and D; is the diffusion
coefficient of the species j. Here, the viscous dissipation energy was neglected. As
described by Pineda-Gomez et al. (2012) and Hubacz ef al. (2013), the values of Cp, A4,
and D; were chosen as 4,182 J/kg-K, 0.6 W/m-K and 10" m?s, respectively. All the
simulation in this study was conducted using ANSYS 14.5 (Fluent, Ansys Inc.). The
second-order upwind scheme was used to discretize governing equations. The
pressure-velocity coupling was performed usingthe SIMPLE scheme.
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The density and viscosity of enzyme were assumed to be same as water, 1000 kg/m’
and 0.001 Pa-s at 20°C, respectively. Non-Newtonian properties of the effluent were

modeled by Carreau model (Carreau, 1972):

n=Gn, -+ (B3 . (3-5)

where 77 is the zero shear-rate viscosity, 77 is the infinite shear-rate viscosity, y is the

shear-rate, [ is the characteristic time and » is the power index. Here, the shear-rate is

defined as ¥ =V2D:D , which is the magnitude of the rate of deformation tensor.

When the square root is taken, the sign must be so chosen that y is a positive quantity.
As an example, rheological properties of the effluent for Cy = 50 and 300 g/L are shown
in Fig. 3—4. The solid lines in Fig. 3—4 are viscosity changes obtained by the Carreau

model. The model parameters used in the calculation are given in Table 3-2.

Table 3—2 Carreau model parameters for various effluents

o [Pas] — n, [Pas]  n[-] F sl

C,=50g/L
=10 rad/s 0.05 0.0007 0.1 0.76
Cy=300 g/L
® = 10 rad/s 0.5471 0 0.43 25
47 rad/s 0.746 0 0.28 1.6
97 rad/s 14.96 0.002 0.23 50
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Fig. 3—4 Rheological properties of effluent at various @ (Co =300 g/L)

The 3D simulation was conducted with 2,205,000 cells arrayed in staggered grids.
As in the case with the experiment, the enzyme was introduced from a nozzle and joined
the gelatinized starch which flowed in the annular space. In this simulation, the run-up
inlet zone for the gelatinized starch was 0.02 m. The detailed information about the
computational domain was shown in Fig. 3-5. The boundary conditions for this

simulation were as follows:
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Inlet boundary conditions: The constant axial inlet velocity of gelatinized starch
was imposed at 0.00024 m/s; the temperature of the fluid was 85°C; the constant
axial inlet velocity of enzyme from the nozzle, u., was 0.00016 m/s which
corresponds to v. = 1.8 mL/h.

Outer cylinder boundary conditions: All components of velocity were 0 m/s; the
temperature was set at 55°C; the temperature of run-up zone was set at 85°C;
insulation of heat and mass.

Inner cylinder boundary conditions: The circumferential velocity was given by wR;
[m/s]; the axial and radial velocity were 0 m/s; insulation of heat and mass.

Nozzle boundary condition: The temperature of surface set at 25°C; insulation of
heat and mass.

Outlet boundaries: because of the possibility of “back flows” at the outlet, Fluent
Pressure Outlet Boundaries were chosen. It was assumed that the gauge pressure
was 0 for the surface of the inner cylinder, for other radial positions the pressure

was calculated using the expression dp/dr = pue’/r.
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Fig. 3—-5 Computational geometry: (a) cross sectional view and (b) three dimensional view
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3. 3. Results and discussion

3. 3. 1. Gelatinization

The starch gelatinization kinetics is often represented as a first order reaction kinetic

(Zanoni et al., 1995; Gomi et al., 1998):

+ Heat

Starch suspension _+  Gelatinized starch

ge

RT

ge

Ve = Kye €Xp| — (3-6)

where 7 1s the rate of starch gelatinization, C is ungelatinized starch concentration, kg
is the reaction rate constant, R is gas constant, 7 1S reaction temperature and Eg 1S
activation energy. Because of high E,. (108.3 kJ/mol, Brandam et al., 2003), starch
gelatinization rate is strongly affected by temperature. This means heat transfer from the
wall to the fluid is important. The heat transfer in a radial direction can be enhanced by

rotation of the inner cylinder (e.g. Kataoka, 1975).
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Fig. 3—6 Light absorbance in the effluent at various initial concentrations of starch,

suspension and rotational speeds of the inner cylinder

Figure 3—6 shows the light absorbance (ABS) at various rotation speeds of the inner
cylinder (@) with the Couette-Taylor flow reactor. Strictly speaking, the values of ABS
cannot directly indicate the degree of gelatinization, because they indicate the degree of
structure change after gelatinization. However, as a high value of ABS implies high
complexity of starch structure after gelatinization, it can be considered that the higher
degree of starch gelatinization is obtained when higher value of ABS. This result
indicates that there was much ungelatinized starch with no rotation of the inner cylinder

in all cases of Cy. The degree of gelatinization dramatically increases by the rotation of

-89-



the inner cylinder. According to Hubacz et al. (2010), at least in the first inlet part of the
apparatus, the rotation of the inner cylinder causes a presence of Taylor vortices and
these vortices considerably promote heat transfer. When Taylor vortices are formed, the
temperature inside of the apparatus achieves quickly the value of the heat jacket
temperature (7). Furthermore, the increasing of rotation of the inner cylinder causes
lengthening of the zone where Taylor vortices exist (Hubacz and Buczynska, 2011).

As shown in Fig. 3—7, in the case of Cy = 50 g/L, the temperature finally reached the
identical value at L = 0.25 m. However, Hubacz et al. (2013) experimentally and
numerically reported that the temperature in the vicinity of the inlet of the apparatus
became lower without rotation compared with cases of rotation. It is inferred that there
is significant temperature gradient in a radial direction around the inlet. The gradient
causes the distribution of the degree of gelatinization in the radial direction. The
uniform heating of starch/water suspension is one of the most important factors for
gelatinization. This means that the mixing in the initial stage is crucial for final
gelatinization state. It is, therefore, considered that the ununiformity of degree of
gelatinization due to poor mixing in the vicinity of the inlet port resulted into low
gelatinization at the outlet port in the case without rotation of the inner cylinder.
Sakonidou et al. (2003) pointed out that in the absence of an appropriate low-shear
agitation to promote gentle mixing of every part of the starch/water suspension and also
transfer heat throughout the entire sample mass, there are sections in the test vessel
where gelatinization is greatly retarded. Therefore, in order to achieve the sufficient
degree of gelatinization, mixing by rotation of the inner cylinder was necessary even at

high temperature.
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Fig. 3-7 Temperature distribution along the length of apparatus at Co = 50 g/L

3. 3. 2. Saccharification

Figure 3-8 shows the dependence of the rotation speed on the product
concentration, reducing sugar Cy, obtained from the outlet of the TCFR. The
saccharification temperature was varied by controlling the water jacket temperature of
the saccharification section. Comparing the case of @ = 0 rad/s with the others, it is
found that the rotation of the inner cylinder intensified heat transfer and mixing with
enzyme in saccharification as well as in gelatinization. At T, = 35 and 55°C, since the

concentration of reducing sugar obtained at around @ = 10 rad/s was slightly higher than
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Fig. 3-8 Concentration of reducing sugar produced at various rotational speeds

and saccharification temperature at Cyp = 50 g/L, u = 0.00024m/s, ve = 0.3 mL/h

the others. It is assumed that this region corresponds to a laminar Taylor vortex flow
formation. Not only mixing within vortex cell but also axial dispersion are enhanced
with increasing of @. In the case of Cp = 50 g/L, mixing enhancement was enough at the
low rotation speed (more than the critical rotation speed for the generation of Taylor
vortices) because of the lower viscosity in the saccharification section. However, the
effect of axial dispersion is also enhanced with the increase of rotation speed. Therefore,
it is considered that the critical rotation speed was the advantageous operational

condition within the performed measurements for Cp = 50 g/L. While the effect of
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temperature was dominant for the gelatinization, but not for the saccharification, it is
more important for saccharification to mix with the gelatinized starch and enzyme.
However, for the case of 85°C, the gelatinization occurred simultaneously in the second
half part of the apparatus, and the saccharification degree was slightly improved in the
high rotation speed region in Fig. 3—8. As for the case of without rotation, the higher
temperature gave a higher reducing sugar concentration. Since there is residual
ungelatinized starch present, the gelatinization and saccharification occurred
simultaneously in the saccharification section. Therefore, the higher reducing sugar
concentration was obtained at the higher temperature.

As shown in Figs. 3-9 and 3-10, when the initial concentration of starch was 100
and 150 g/L, unlike the gelatinization experiment, the concentration of reducing sugar
increased with the rotation speed of the inner cylinder and the temperature increase of
the saccharification section. When the gelatinization occurred at the higher
concentration, much starch was left ungelatinized. At 7, =35°C, gelatinization does not
occur in the saccharification section, but starch retrogradation proceeds. As a result,
although the increasing of @ was effective, the Cys / Cy was totally lower than the other
cases. At Ty, = 55 and 85°C, starch retrogradation does not proceed. Meanwhile,
gelatinization and saccharification occurs simultaneously in the saccharification section
at Ty, = 85°C. As a result, Cs / Cp became higher than at 7, = 55°C. In other words,
more ungelatinized starch remained at lower Tg,. Therefore, a higher temperature
showed better performance than the lower temperature since the gelatinization
simultaneously occurred in the saccharification section.

Figures 3—9 and 3—10 also indicate a dependence of the rotation speed of the inner

cylinder. At lower wregion (@ < 22 rad/s), Cis / Cy greatly increased with the increasing
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of @. On the other hand, at higher @ region (@ > 22 rad/s), Cys / Cy slightly increased or
almost kept a constant with the increasing of @. Comparing Figs. 3— 8-10, it is found
that these critical values of the rotation speed of the inner cylinder existed in all cases of
Co. In saccharification section, it is assumed that Taylor vortex was formed above the
critical rotation speed of the inner cylinder and intensified not only heat transfer but also

mixing with the enzyme.
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Fig. 3-9 Concentration of reducing sugar produced at various rotational speeds and
saccharification temperature at Cp = 100 g/L, u = 0.00024m/s, v = 0.3 mL/h
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Fig. 3—10 Concentration of reducing sugar produced at various rotational speeds and
saccharification temperature at Cop = 150 g/L, u = 0.00024m/s, v = 0.3 mL/h
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3. 3. 3. Effect of Reynolds number

The effective Reynolds number, Ree, as shown in Eq. (3—7), is used as the

dimensionless parameter for the rotating flow with shear-thinning fluids.

R od
Re,, =% (3-7)
77eff

The formation of counter-rotating toroidal vortices starts when Re.sr exceeds a critical
Reynolds number, Re.,. Here, in order to calculate Rees, the proposed method in Chapter
2 of this thesis was used. The theoretical value of Re,, for this radius ratio Ri/R, = 0.71 is
approximately Re. = 81.1 given by the linearized theory (e.g. Di Prima and Swinney,
1981). In the laminar Taylor vortex flow region, intermixing over cell boundaries is
suppressed. Furthermore, Kataoka et al. (1995) experimentally showed the flow transits
from the laminar Taylor vortex flow to the wavy vortex flow at Re = 791 for Newtonian
fluid system. Upon transition to the wavy vortex flow, wavy motions increase not only
the inside mixing but also the intermixing. In this study, since the degree of
gelatinization was almost independent of @ except for low rotation speed under this
residence time as shown in Fig. 3—6, the effect of Taylor vortex flow with respect to its
mixing characteristics can be limited to the saccharification section.

For the calculation of Rees, the effective viscosity, 7, 1s required for the
shear-thinning property. The viscosity profiles of the effluent are characterized by the
Carreau model (Carreau, 1972). The variation in apparent viscosity as a function of

shear-rate is shown in Fig. 3—11, in the case of Cp = 150 g/L, @ = 22 rad/s, Ts, = 85°C.
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Also, the Carreau model line is drawn in Fig. 3—11. From the radius ratio (R; / R,), and
the rheological properties of the effluent (n), the proportional constant, &, in Eq. (2—15)
in Chapter 2 can be calculated. This leads to the estimation of the effective shear-rate at
the given rotational speed of the inner cylinder. As a result, 7. and Reer each condition
can be calculated. In the case of Cp = 50 and 150 g/L, the effective viscosity of the
effluent, and Recsr at Ts, = 85°C and various o are given in Table 3—3. Here, the density
was measured using a pycnometer. Its value was 1005 kg/m® for Cy = 50 g/L, and 1088

kg/m3 for Cp =150 g/L.
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= i

I ) .

0001 I | | | | [ | L | L L L L
10 100 1000

Fig. 3—11 Rheological properties of reducing sugar
at Co =150 g/L, u = 0.00024 m/s, w =22 rad/s, Ts, = 85°C
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Table 3—3 Effective viscosity of the effluent and Recs
at various @ (a) Cp =50 g/L and (b) Cp = 150 g/L

(a) Co =50 g/L

o [rad/s] 2 5 10 15 22

Ness [Pa-s] 92x10% | 78x10° | 7.1x10° | 7.1x10° | 6.8x107

Reeir [-] 13.6 40.3 88.5 132.7 203.6

(b) Co= 150 g/L

o [rad/s] 5 10 15 22 47

Ner[Pars] | 45x10% | 3.0x107 | 22x 107 | 1.6x 107 | 5.3 x10°

Reeir [-] 7.6 22.9 45.7 96.3 607.0

Figure 3—12 and 3—13 shows the relation between Re.sr and C./Cyp at Cp = 50 and 150
g/L. As expected in the previous section, it became clear that Taylor vortex forms in the
saccharification section near the rotation speed of the inner cylinder where C,s/Cy starts
keeping a nearly constant with the increasing of @. Actually, as shown in Fig. 3—12, it
could be confirmed that there appeared Taylor vortices for Cp = 50 g/L at @ = 10rad/s.
In the two cases, Cs/Co monotonically increased with the increasing of Res up to Reg;.

As shown in Fig. 3—12 and 3-13, C,s/C) kept a constant or slightly increased over Re;.
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Fig. 3—12 Relation between concentration of reducing sugar and Ree
at Co =50 g/L, u=0.00024 m/s, Ts, = 85°C
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Fig. 3—13 Relation between concentration of reducing sugar and Reefr
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Furthermore, the performance of TCFR for a high concentration system at a wide range
of Reesr was investigated. Figure 3—14 shows the dependency of C./Cy on Reesr at Cy =

50 — 300 g/L and Ty, = 40°C. The enzyme-to-substrate ratio was unified as Cp : ve =1 :

0.006.
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04t
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S ‘ i
02 | ;
" B C,=50gL
0.1 | & C,=150g/L
: ; Cy=300 g/L
0 R AT L L
10 100 1000 10000
Reeff[_]

Fig. 3—14 Relation between concentration of reducing sugar and Recr
at Co =50, 150, 300 g/L, u = 0.00024 m/s, T, = 40°C
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As shown in Fig. 3—14, even the high concentration starch suspension was
effectively and continuously hydrolyzed at Taylor vortex flow region. However, the
Cis/Cp slightly decreased at higher Re., above Recr = 700. In this region, wavy
instability may be occurred. As discussed above, this can be expected by the effect of
enhancement of axial dispersion. This result suggests that, in order to make the best use
of the mixing characteristics of the Taylor vortex flow reactor and suppressing axial
dispersion, the reactor should be operated in the laminar Taylor vortex flow region.
Further, the solid line in Fig. 3—14 denotes C./Cj obtained for Cp = 50 g/L using a
stirred tank reactor with a Rushton turbine. Here, the volume of starch suspension and
enzyme, reaction temperature, and reaction time corresponded to the case with the
TCFR. The rotational speed of the impeller was set at 350 rpm. It was assumed that this
rotational speed is sufficient for the achievement of the state of complete mixing. As
shown in Fig. 3—14, C./Cy obtained using the TCFR under the laminar Taylor vortex
flow region is even equal to Cyy/ Cy obtained using the stirred tank reactor.

Figure 3—15 shows the distribution of enzyme fraction, which was obtained by
numerical simulation, at (a) Re.sr = 18 and (b) Reesr = 226. When the enzyme, which is
introduced from the upper nozzle, contacts the gelatinized surface at the interface,
saccharification will start. At low Rer, in Couette flow region, the enzyme could not
diffuse towards the inner cylinder surface. On the other hand, if there appear Taylor
vortices, the enzyme easily diffused in the radial direction. Therefore, due to the
enhancement of mixing by Taylor vortices, the saccharification was promoted even at

the high concentration of starch suspension.
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Fig. 3—15 Volume fraction of enzyme (a) Reesr = 18 and (b) Reesr = 226
at Co =300 g/L
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3. 4. Conclusions

The present study in this chapter discussed the process intensification of starch
gelatinization and saccharification by converting a batch to continuous operation using
the TCFR with a water jacket.

The rotation of the inner cylinder played an important role for the initial stage of
gelatinization because of enhancement of heat transfer and mixing by cellular vortex
motion. However, the results show that the degree of gelatinization was almost
independent of the rotation speed of the inner cylinder above 5 rad/s, due to the
sufficient by long residence time. Saccharification experiments and simulations show
that the product concentration increased with a higher rotation speed of the inner
cylinder, up to the formation of Taylor vortex flow in the saccharification section. And
Ci/Cyp stayed a constant or slightly increased over the Re. for 50 or 150 g/L,
respectively. However, above Re.ss = 700, C/Cy slightly decreased. It is assumed that
the axial dispersion was promoted at higher Recrr. The effect of temperature on C/Co
could not be observed for the case of 50 g/L starch concentration, but it appeared when
the initial concentration was 100 and 150 g/L. This is because a portion of the starch
was left ungelatinized in the gelatinization section and simultaneously gelatinized in the
saccharification section.

The TCFR enabled one-step continuous starch hydrolysis process even in the case of
high concentration of starch suspension. In order to optimize the starch hydrolysis using

the TCFR, the further investigation about the axial dispersion at high Re.s is necessary.
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Nomenclature

a0

S

Re,,

Reesr

: concentration of ungelatinized starch, g/L

: initial concentration of starch suspension, g/L
: specific heat capacity, J/kg-K

: concentration of reducing sugar, g/L

: deformation rate tensor, 1/s

- diffusion coefficient of the species j, m*/s

: gap width, m

: activation energy for starch granules gelatinization, kJ/mol
: gravity acceleration (= 9.8 m/s?), m/s”

: species, -

: proportional constant, -

: pre-exponential factor for starch granules gelatinization, 1/s
: length of TCFR, m

: power index, -

: pressure, Pa

: gas constant (= 8.31 J/K-mol), J/K-mol

: radial position, m

: gelatinization rate, kg/L-s

: Reynolds number (= pR;wd/ 1), -

: critical Reynolds number, -

: effective Reynolds number (= pR;@d/ 1esr), -

: inner cylinder radius, m
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R, :outer cylinder radius, m

T  :temperature inside of TCFR, K

Ty :inlet temperature, K

T, :temperature of gelatinization process, °C
Tw :temperature of saccharification process, °C
t s time, S

uyx  : inlet axial velocity of starch slurries, m/s
ue :inlet axial velocity of enzyme, m/s

up : circumferential velocity, m/s

u : velocity, m/s

Ve : enzymatic volumetric flow rate, mL/h

X;  :mass fraction of the species j, -
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Greek letters

Ho

Moo

Teft

: characteristic time, s

: shear-rate, 1/s

: thermal conductivity, W/m-K

: fluid viscosity, Pa-s

: zero shear-rate viscosity, Pa-s

: infinite shear-rate viscosity, Pa-s
: effective viscosity, Pa-s

: fluid density, kg/m’

: angular velocity of inner cylinder, rad/s
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4. Gas—liquid two-phase Taylor—Couette
flow with a ribbed inner cylinder
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4. 1. Introduction

In this chapter, intensification of gas—liquid two-phase flow process was discussed.
As described in Chapter 1, TCFR is suitable for bio-process or food process, in which
shear sensitive materials are treated, because it has a mild but effective mixing
performance compared to classical stirred tank reactors (Wronski et al., 2005). In such
processes, an aeration operation is frequently required for the microbial growth. In fact,
TCFR has been applied to bio-process with the aeration by many researchers (Haut et
al., 2003; Kliphuis et al., 2010; Patel et al., 2010; Zhu et al., 2010; Song et al., 2011;
Kong et al., 2013; Kong and Vigil, 2013; Qiao et al., 2014). In order to design and
optimize TCFR, the understanding of interphase mass transfer is necessary. For
gas—liquid systems, it is usually assumed that the liquid side mass transfer resistance at
gas—liquid interfaces limits interphase mass transport, and therefore gas side mass
transfer is neglected (Deckwer et al., 1974). Several correlations between the liquid side
volumetric mass transfer coefficient (kLa) and operational conditions were proposed
(Wronski et al., 1999; Dtuska et al., 2001; Dtuska et al., 2004; Gao et al., 2015;
Ramezani et al., 2015). From the aspect of process intensification, higher gas hold—up
and higher dispersion of gas phase are necessary so as to enhance mass transfer
volumetric coefficients (kra) between two-phases. However, it is difficult to estimate
kia because of the many factors affecting this quantity, such as gas hold—up, bubble size
and slip velocity (Gao et al., 2015). These factors depend on the operational condition
and physical properties of the gas and liquid phases, as shown in Fig. 4—1. In order to
intensify mass transfer between gas and liquid phase, at least one of “A1.” and “a” should

be intensified. This objective of this chapter aimed at the intensification of specific
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gas—liquid interfacial area, a.

It is well known that the introduction of even a small amount of gas significantly
impacts flow patterns of Taylo—Couette flow (Shiomi et al. 1993; Djéridi et al., 1999;
Hubacz and Wronski, 2004; Maryami et al., 2014). Under lower rotational Reynolds
number (Re) condition, owing to weak centrifugal force compared with the buoyancy
force acting on bubbles, Taylor vortices are easily disrupted, and the bubbles are
dispersed uniformly and quickly rise up. This bubbly flow causes a problem of lower
gas hold—up. At higher Re, bubbles are captured within Taylor vortices and accumulate
near the inner cylinder surface at the outflow boundaries of the Taylor vortices (Atkhen
et al., 2000; Djeridi et al., 2004; Murai et al., 2005; Deng et al., 2006, Climent et al.,
2007; Fokoua et al., 2015). Although higher rotation speed of the inner cylinder might
be one of the solutions for this problem, high shear stress due to high rotation speed is
not preferable for shear sensitive materials. In order to maintain a vortex structure and
to avoid damage to shear sensitive materials, a new strategy is required for development
of TCFR applicable to bio-processes or food process.

The vortex formation could be affected by the boundary conditions, e.g.,
asymmetric boundary conditions (Mullin and Blohm, 2001), short annulus (Ikeda and
Maxworthy, 1994; Furukawa et al., 2002), ribbed wall cylinder (Tzeng et al., 2005),
internal baffles (Deng et al., 2010), modified cylinder (Li et al., 2015), and conical
cylinder (Noui-Mehidi et al., 2005). Recently, Richter et al. (2008, 2009) proposed a
TCFR with a novel ribbed cylinder and investigated mixing in the reactor by means of
the tracer technique and a chemical test reaction. They successfully showed the results
for a single phase flow that immobilized and stable vortices were obtained even with

axial flows and that micromixing was clearly enhanced while axial dispersion could be
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simultaneously reduced.

In this chapter, it was investigated that the applicability of the TCFR with a ribbed

inner cylinder to gas—liquid two-phase flow to increase gas hold—up by immobilizing

and stabilizing the vortices. Therefore, the characteristics of gas—liquid two-phase flow

in the TCFR with the ribbed cylinder were experimentally observed. Finally, the

performance of the TCFR with ribs was evaluated by specific gas—liquid interfacial area

and gas hold—up.

Volumetric mass transfer coefficient
kia

_— T~

Mass transfer coefficient Specific gas—liquid interfacial area
ky a
Exposure time
te

mT- T - 7——/—— - N — e ':

: Slip velocity Bubble diameter Gas hold—up .
I

[

I z’lslip D G &G :

! 4

Operational conditions Geometry parameters Physical properties

Fig. 4—1 Illustration of the relationships between volumetric mass transfer

coefficient and various geometric, operational, and hydrodynamic parameters,

quoted from the paper by Gao et al. (2015)
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4. 2. Experimental

The schematic of vertical CTFR with ribs is shown in Fig. 4-2. The distance
between two ribs, A, was set at 26 mm, which is the same as the theoretical axial
wavelength A (= 2d). The width of ribs, 7, was varied from 4 to 10 mm, while the
thickness of ribs, 4.ip, kept a constant value of 4 mm. The experimental apparatus with
measuring system is shown in Fig. 4-3. The apparatus consisted of an outer cylinder of
transparent acrylic resin and an inner cylinder of stainless steel. The outer diameter of
the inner cylinder, D; (= 2R;), was 50 mm and the inside diameter of the outer cylinder,
D, (= 2R,), was 76 mm. The radius ration, R; / R,, was 0.66. For this ratio, Re.; where
the first instability occurs is about 78.3 (Taylor, 1923). The height of the annular space,
h, was 300 mm and that of liquid phase without aeration, 4y, was 270 mm. An aqueous
solution of glycerol was used as the working fluid. The density and viscosity of the
working fluid were p= 1150 kg/m’ and 7= 8.14x107 Pa-s, respectively.

In order to generate uniform bubbles with diameters of 1-1.5 mm, a compressor
drove air through a sparger from the bottom of the apparatus. The liquid was opened to
the atmosphere to release bubbles on the free surface. The volumetric flow rate of gas,
VG, was controlled by a needle valve and set at 5.0x107-5.0x10® m>/s. The rotational
speed of the rotor, n, was varied from 150 to 300 rpm. As a result, Re, is defined as Re =
wpRid | p, was varied from 721.2 to 1442.5. Here, w is defined as @ = 2nn / 60. With
increasing Re beyond Re.;, laminar Taylor vortex flow becomes unstable (Coles, 1965).
This instability leads to a wavy vortex flow. A critical Re where the flow transits from
laminar Taylor vortex flow to wavy vortex flow has not strictly determined yet.

According to Di Prima and Swinney (1981), the critical Re depends strongly on the
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radius ratio; it is about 1.05Re.; to 1.10 Re. for R; / R, = 0.95 and is very much larger,
10Re; or greater, for R; / R, = 0.5. Therefore, it was inferred that this experimental Re
range corresponded to the range form laminar Taylor vortex flow to wavy vortex flow. A
high speed video camera system was used to record the bubble flow in the liquid. A
plane sheet of semiconductor laser with the power of 50 W was used to illuminate the
vertical cross-sectional flow field. Images of the bubble could be captured by the
camera at a frame speed of 250 fps. After the inner cylinder had reached a certain
rotational speed, each experiment was performed with an adequate time for vortical

structures to form.

Inner cylinder

™~

Outer cylinder

0010010000

Fig. 4-2 Schematic of the inner cylinder with ribs
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Fig. 4-3 Experimental apparatus; (1) Taylor vortex flow device (2) sparger
(3) flow meter (4) valve (5) compressor (6) video camera (7) laser
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4. 3. Results and discussion

4. 3. 1. Vortex structure

Figure 4—4 shows flow visualization with aeration in front views of vortices by
adding aluminum platelets with 20 um. Because the trajectory of each cellular vortex
flow differs from one to another, the state of light scattering also varies. As a result,
each divided cellular vortex could be observed in Fig. 4—4. Clearer cell boundaries can
be seen with the increase in the width of ribs, where two darker boundaries are inflow
cell boundaries, while one boundary between the darker boundaries is the outflow
boundary. In the case of no rib, i, = 4 and 6 mm, outflow boundary is not clear.
Although a rib locates near the outflow boundary, it could not be observed because of
suspended aluminum platelets. Without aeration, the operational condition in this study
(Re =913.6) is inferred in a transitional region from laminar Taylor vortex flow to wavy
vortex flow. The structure and cell boundaries were apparently stable. With aeration,
however, the Taylor vortex could not be generated when the centrifugal force was not
enough to suppress the flow instability caused by the buoyancy of bubbles. The critical
Reynolds number, Re., for gas—liquid two-phase flow has not yet determined. The
structure of vortices became unstable and unclear cell boundaries could be observed
when ribs were not equipped. On the other hand, only slight periodic wave motion on
the cell boundaries could be observed when i, = 4 and 6 mm. At 7, = 8 mm, no wave
motion could be seen. It can be considered that the buoyancy effect of bubbles was
weakened by the ribs. However, at 7, = 10 mm, random wave motion appeared on the

cell boundaries. Coalescence of bubbles, which will be described in the next section,
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could be the reason for this phenomenon. These results indicate that a TCFR with a
ribbed cylinder could certainly immobilize and stabilize vortices even in gas—liquid

two-phase flow.

visualized section

No rib v — 0.4 cm roT 0.6 cm

Inflow Boundary —>

/
Outflow Boundary

re= 0.8 cm ra= 1.0cm

Fig. 4-4 Photographs of flow pattern at the same rotational speed of the rotor
(n=190 rpm, V=75.0 x 10° m’/s)
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The stabilization of vortex structure can be inferred from intensification of a
centrifugal force by a ribbed rotor. In order to clarify the effect of the ribbed rotor on the
velocity field, numerical simulation was conducted using COMSOL Multiphysics®
engineering simulation software. In this simulation, the fluid was considered as an
incompressible Newtonian fluid in a steady state, and 2D axisymmetric was assumed.
For simplicity, the injection of gas was neglected and the calculation region was limited
to the one pair of vortex cell. The governing equations were the conservation equations

of mass and momentum as shown in Egs. (4—1) and (4-2):

V-u=0 (4-1)
ou Vp 1
5+(u-v)“:—?JFEV'[U(V"JFV”T)]JF&’ (4-2)

where u is the velocity, ¢ is the time, p is the pressure, p is the density, 7 is the viscosity,
g is the gravitational acceleration. The circumferential velocity was given by wR;. The
top and bottom wall were assumed as the fixed wall. The number of grids was 2994, and
the computational domain is shown in Fig. 4-5. Re was set at Re = 1105.9. Figure 4—6
shows circumferential velocity distribution of liquid phase at the outflow boundary. The
(r—R;)/d means the value of 7 in the axial direction is normalized by the gap width. The
Uo/(R;- @) means the value of Up in the circumferential velocity is normalized by the tip
velocity of the inner cylinder. This figure clearly shows that the circumferential velocity,
Uy, increased with r,. Higher circumferential velocity of fluid can provide a higher
centrifugal force.
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Fig. 4-5 Computational domain for the one pair of Taylor vortex cell

with the ribbed rotor
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Fig. 4-6 Velocity distribution of circumferential flow in single phase flow
(o= 24.1 rad/s, corresponds to n =230 rpm)
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Furthermore, Fig. 4—7 shows the shear stress distribution, (a) no rib, (b) 7, = 6 mm and
(¢) rib = 10 mm, in the annular space. Although the area of locally high stress region
increased with increasing of 7, the area was quite small compared to whole area.
Therefore, it is expected that a larger centrifugal force by the ribbed rotor intensified the
rotational speed of the vortex and the structure of the vortex without enhancement of

shear stress field.

Shear stress
(a) (b) (©) [Pa]

‘q
ﬂ

Fig. 4—7 Shear stress distribution for (a) no rib, (b) 7, = 6 mm and (c) 7+p = 10 mm
(o =24.1 rad/s, corresponds to n = 190 rpm)
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4. 3. 2. Mean residence time of bubbles

Based on the above experiments, the ribbed TCFR can offer a promising prospect of
holding many more bubbles within vortices. This promising prospect may result in
increasing interfacial area at even low rotational speed of the rotor. The present work
measured the gas hold—up and calculated mean residence time, 7, of gas defined by the
following equation:

7(R? - R?)AH

P (4-3)

where, AH [m] is the change of liquid height with aeration and Vg [m’/s] is the gas flow
rate. As shown in Fig. 4-8, AH is the difference in the height of the liquid phase with
and without aeration (4o = 270 mm). AH was measured from the macrophotograph of
the upper part of the liquid phase after aeration, which was filmed by a digital video
camera.

Figure 4-9 indicates that the 7 increased with rotational speed of the rotor. When
wider ribs are employed, a stronger centrifugal force stabilizes vortices. It is expected
that the stabilized vortices contained much more bubbles within vortices. Particularly
when i, = 10 mm, the value of 7 showed a significant increase. The effect of blocking

bubbles due to the rib should be taken into consideration in this case.

- 124 -



Inner Outer Inner Outer
cylinder cylinder cylinder cylinder

Camera

Bubbles

Without With
aeration aeration

Fig. 4-8 Changes of liquid height with aeration
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Fig. 4-9 Mean residence time of gas rotational speed of the rotor
(Vo =5.0 x 10° m?/s)
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4. 3. 3. Bubble size and interfacial area

The bubble diameter was measured by image analysis from cross-sectional views of
the test section. Figure 4—10 shows the effect of the width of ribs on bubble distribution
in cross-sectional views between two ribs at n = 230 rpm and Vg = 8.33x107 m’/s. It
was found that more bubbles were captured when wider ribs were employed. According
to Bernoulli’s law, it is inferred that the pressure at the vicinity of the rib tip becomes
low because the circumferential flow velocity is fast. As an example, the pressure
distribution at Re = 1105.9 without aeration for no rib and rj, = 6mm is shown in Fig.
4—11. Bubbles tend to accumulate in the low-pressure regions located near the inner
cylinder, which correspond to outflow boundary (Atkhen et al., 2000; Climent et al.,
2007). Focusing on the upper rib, bubbles accumulated beneath the tip of the rib.

Figure 4—-12 shows the effect of the rotational speed of the rotor on bubble
distribution in cross-sectional views between two ribs at 75, = 8 mm and Vg = 8.33x107
m’/s. As the increase in the rotational speed of the rotor, the bubble diameter increased
significantly. This indicates that the strong vertical motion also enhanced bubble
coalescence and reduced the number of bubbles.

These results shown in Figs. 4—10 and 4-12 are summarized in Fig. 4—13. In order
to represent the average bubble diameter, a Sauter mean diameter was used (Shah et al.,

1982; Vasconcelos et al., 2003; Behkish et al., 2007):

ZiNid;i
d, =&k _
” ZiNidZ,i (4 4)
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d3; was obtained from 50 bubbles diameter which were measured from enlarged
Figs. 4-10 and 4—-12, assuming spherical bubbles. It was observed that the mean bubble
diameter drastically increased with the increase of rotational speed. In contrast, the
wider the ribs were, the smaller the effect of rotational speed on the mean bubble
diameter became. When 74, = 10 mm, owing to the anomalous coalescence, bubbles

were too large and deformed to measure the diameter.
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Fig. 4-10 Effect of the width of ribs
(n =230 rpm, Vg =18.33 x 107 m’/s)
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Fig. 4—11 Pressure distribution with velocity vector at Re = 1105.9
for (a) no rib, (b) 7xp = 6 mm
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n=270 rpm

Fig. 4-12 Effect of the rotational speed of the rotor
(o = 8 mm, Vg =15.0 x 10° m’/s)
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Fig. 4-13 Sauter mean bubble diameter against the rotational speed of the rotor
(Vg =5.0 x 10 m?/s):
(a) with error bars and (b) without error bars
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The increase of specific gas—liquid interfacial area between gas and liquid as well as
gas hold—up is crucial for intensification of a gas—liquid contactor. Smaller bubbles are
preferable for increasing the specific interfacial area. From the gas hold—up and bubble
diameters, the specific gas—liquid interfacial area of the bubble is obtained by the

following equation, assuming spherical bubbles (Popovic and Robinson, 1989):

6&;
a= 4-5
d, (4-5)
. {
S hy + AH (4-6)

where, &; [—] is gas hold—up. The mean diameter of bubbles as well as the gas hold—up
increases with rotational speed owing to coalescence of bubbles. This trade—off relation
resulted in that the specific gas—liquid interfacial area had a peak value against the
rotational speed of rotor, as shown in Fig. 4—14. The above results suggest that there
exists an optimum operational condition for the specific gas—liquid interfacial area in
the TCFR with ribs. Furthermore, the specific gas—liquid interfacial area was drastically
intensified by the ribbed inner cylinder. Especially, at » = 230 rpm, the specific
interfacial area with 7., = 8 mm was as about 2.5 times as the no rib inner cylinder.
Figure 4-15 shows the comparison between the data on specific interfacial area in
stirred tank (Dtuska ef al., 2004) and the one in TCFR. Although the operational
condition in stirred tanks is not optimized for the comparison with the TCFR, a simple
comparison can be conducted. The experimental by Dtuska et al. (2004) was carried out

in a stirred tank with total volume 2 L using a four pitched-blade turbine in O,—NaOH
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solution system. It should be noted that the gas flow rate in their experiment, Vg = 1.25
x 10 m’/s, was more than twice as large as the flow rate in study. Nevertheless, at the
same rotational speed the higher value of a could be obtained by the TCFR with ribs.
Therefore, it is expected that the reduction of apparatus size can be achieved by the
TCFR with ribs compared to the traditional stirred tank. In future, the comparison of

power consumption between the TCFR and the stirred tank should be discussed.

60 T T T T T T T T
r'q_| 40 | 4 <> l’l.O rib
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N i rib 6 mm
é, rib 8§ mm
S

120 160 200 240 280 320

n [rpm]

Fig. 4-14 Specific interfacial area between gas and liquid
against the rotational speed of the rotor
(Vo =5.0 x 10° m’/s)
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Fig. 4-15 Comparison of specific interfacial area
between the TCFR and the stirred tank
(Vo =15.0 x 10° m*/s for the TCFR, 1.25 x 10™ m’/s for the stirred tank)
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4. 4. Conclusions

The study in this chapter examined the performance of gas—liquid two-phase flow in
a Taylor—Couette flow reactor (TCFR) with a ribbed inner cylinder. A pair of
counter-rotating vortices appeared between two ribs, and the vortices were immobilized
and stabilized even in gas—liquid two-phase flow. It was found that the mean residence
time of gas largely increased with the ribbed rotors, and more bubbles were captured
when wider ribs were employed. Bubbles tended to accumulate in the low pressure
regions located near the inner cylinder, which correspond to the outflow boundary.
While gas hold—up increased with ryp, bubble diameter became larger as ryp increases.
This result indicates that bubble coalescence occurred.

On the other hand, because of the coalescence of bubbles, the mean diameter of
bubbles also increased with rotational speed of the rotor. This trade—off relation resulted
in the specific gas—liquid interfacial area, a, between gas and liquid having a peak value
against the rotational speed of the rotor. This result suggests that there exists an
optimum operational condition in the TCFR with ribs. Furthermore, from the fact that
the specific interfacial area drastically increased with ribs, the TCFR with ribs has
potential for process intensification. The higher value of a was obtained using the TCFR
with ribs compared to the stirred tank. In future, the discussion about the comparison of
power consumption between the TCFR with ribs and the stirred tank is required for the

practical application of the TCFR with ribs.
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Nomenclature

—_

dy

ds»

hcell
hrib
ho

kL

r

Re

: inner cylinder diameter, mm

: outer cylinder radius, mm

: gap width, mm

: bubble diameter, mm

: Sauter mean bubble diameter, mm
: gravity (=9.8 m/s%), m/s

: height of TCFR, mm

: distance between ribs

: rib thickness, mm

: liquid height without aeration, mm
: liquid side mass transfer, m/s

: number of bubbles, -

: pressure, Pa
: radial position, m

: Reynolds number (=pRiwd/ 1), -

Re. :critical Reynolds number, -

: inner cylinder radius, mm
: outer cylinder radius, mm
: rib width, mm

: time, S

: specific gas—liquid interfacial area, m*/m

: rotational number of inner cylinder, rpm
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le

Us

Uslip

Vs

: exposure time, s

: velocity magnitude, m/s

: circumferential velocity, m/s
: velocity, m/s

: slip velocity, m/s

- gas flow rate, m*/s

: axial position, m
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Greek letters

AH  : change of liquid height with aeration, mm
&  :gas hold—up, -

n : viscosity, Pa-s

A :axial wavelength, m

P - density, kg/m’

T : mean residence time of gas, s

@  :angular velocity of inner cylinder, rad/s
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5. Conclusions

This thesis aimed to achieve PI of Taylor—Couette flow reactor (TCFR) by
overcoming bottlenecks of complex fluid processes. The conclusions of each chapter are

as follows.

In Chapter 2, the definition of Reynolds number (Re) for a Taylor—Couette flow
with a shear-thinning fluid was discussed. Since the shear-thinning property causes
spatial distribution of fluid viscosity in a TCFR, the effective Re (Re.rr) was defined
based on an effective viscosity (77.f) obtained by a numerical simulation. 7.¢ was the
average viscosity using a weight of dissipation function. As a result, the following

contents were clarified in Chapter 2.

O When Ry/R, is greater than 0.71, Re., corresponded well with the theoretical value
for Newtonian fluid. In contrast, in the TCFR with wider gaps (less than Ri/R, =
0.71), Re., for shear-thinning fluids deviated from the theoretical Re.,, especially for
n = 0.3, due to a wider viscosity distribution.

O The jer estimated from 7. in the rheological property was proportional to the
rotational speed of the inner cylinder. The proportional constant, &, depended not
only on the apparatus geometry but also on the rheological property.

O A correlation equation for calculating & from Ri/R, and n was suggested. It was
experimentally confirmed that the correlation equation made it possible to predict

the critical condition without numerical simulation.
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In Chapter 3, in order to intensify the non-Newtonian fluid process by converting

batch to a continuous operation, the TCFR was employed. Starch gelatinization and

saccharification were selected as typical examples of non-Newtonian fluid processes.

Here, the flow condition was expressed by Re.r defined in Chapter 2. The following

contents were clarified in Chapter 3.

Q

The rotation of the inner cylinder played an important role for the initial stage of
gelatinization because of an enhancement of heat transfer and mixing by Taylor
vortex.

The effect of temperature could not be observed for the case of 50 g/L starch
concentration, but it did appear when the initial concentration was 100 and 150 g/L.
This is because a portion of the starch was left ungelatinized in the gelatinization
section and simultaneously gelatinized in the saccharification section.
Saccharification experiments indicated that the product concentration increased
with a higher rotation speed of the inner cylinder, up to the formation of Taylor
vortex flow in the saccharification section. The concentration remained constant or
slightly increased over the Re. for 50 or 150 g/L, respectively. However, above
Re.r =700, the C.s/Cy slightly decreased. It is assumed that the axial dispersion was
promoted at higher Recsr.

Using the TCFR, starch suspension of high concentration could be efficiently and

continuously hydrolyzed.

In Chapter 4, gas—liquid two-phase flow in a novel TCFR with a ribbed inner

cylinder was experimentally and numerically investigated. In this device, a pair of

- 147 -



counter—rotating vortices appears between two ribs. Principally, the effects of ribs on

flow dynamics, gas hold—up, and specific interface area were investigated. The

following contents were clarified in Chapter 4.

Q

The ribbed inner cylinder immobilized and stabilized Taylor vortices even in
gas—liquid two phase flow due to the enhanced centrifugal force. As a result, more
bubbles were trapped in Taylor vortices; consequently, the mean residence time of
bubbles was increased.

Bubbles tended to accumulate in the low pressure regions located near the inner
cylinder, which correspond to the outflow boundary, and bubble coalescence
occurred.

Because of the coalescence of bubbles, the mean diameter of bubbles also increased
with rotational speed of the rotor. This trade—oft relationship resulted in the specific
interfacial area between gas and liquid having a peak value against the rotational
speed of the rotor. This result suggests that there exists an optimum operational
condition for the specific interfacial area in the TCFR with ribs.

The specific interfacial area drastically increased using the ribbed rotor. For
example, at n = 230 rpm, the specific interfacial area with 7, = 8 mm was about 2.5

times the area for no rib.

The results of Chapter 2 and 3 indicated that the TCFR has potential for PI of

non-Newtonian fluid processes. Further, the results of Chapter 4 showed that the TCFR

with the ribbed inner cylinder provides the excellent performance for mass transfer

between gas and liquid with a mild shear stress field. Based on these results, the process
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of complex fluids including non-Newtonian fluid, chemical reaction and gas—liquid
two-phase flow, such as food processes or bio-processes, could be intensified using the
TCFR with the ribbed inner cylinder. This indicates that a detailed investigation for flow
dynamics of non-Newtonian fluid with aeration will be required in the future. In this
study, the investigation about flow transition for non-Newtonian fluids was limited
especially to the region from Couette flow to laminar Taylor vortex flow. It is necessary
to determine other transition regions, e.g. the transition to wavy Taylor vortex flow or
turbulent flow, based on Reesr proposed in this study. Also, the construction of Recs for
shear-thickening fluid, viscoplastic fluid and viscoelastic fluid will be necessary. Further,
although turbulence enhances mixing or heat/mass transfer, there are few studies about
turbulent flow dynamics of non-Newtonian fluid. In future, these studies should be
actively conducted. Further, the investigation about the mixing performance of Taylor
vortex cell with non-Newtonian fluids is beneficial from both practical and
hydrodynamic viewpoints. Finally, at the same power input, the performance of TCFR
for chemical reaction with complex fluids should be compared with the performance of

a traditional stirred tank reactor.
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