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Chapter Ⅰ 

General introduction 

Ⅰ. 1. Water treatment technology 

Water is an indispensable substance for human life. However, only less than 1% of the 

water existing on the earth can be used for our lives [1]. We use a large amount of water 

for domestic water, agriculture, industry, and so on [2–4]. In addition, it is said that daily 

use of water per person is increasing depending on GDP [5,6]. Therefore, global water 

use continues to increase due to recent population growth and the development of 

developing countries [2]. As a result, water shortage has become a global problem. In 

addition, one of the problems related to water is environmental pollution caused by 

industrial wastewater [7]. To solve these problems, the process dealing with water 

treatment, such as seawater desalination and wastewater treatment, are carried out 

everywhere in the world. Generally, distillation technology, for example vacuum 

distillation, mechanical vapor recompression, thin film distillation, and so on, is used in 

this field [8]. However, these technologies have problems such as enormous energy 

consumption and the need for large-scale equipment [9]. Membrane technology is one of 

the solutions addressing this issue, because the phase separation of feed is not 

accompanied in the membrane processes, and thus, the energy consumption is lower than 

distillation process [10,11]. In general, in membrane processes, the solutes in solutions 

are separated by size sieving effect, and water permeate through the membrane by using 

the transmembrane pressure (TMP) as a driving force [9]. In addition, there is an 

advantage that it is possible to easily scale up by simply increasing the number of 

membrane modules [11]. Those membranes are classified to Microfiltration (MF), 

Ultrafiltration (UF), Nanofiltration (NF), and Reverse osmosis (RO), according to the size 

of membrane pore (Figure Ⅰ-1). 
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Figure Ⅰ-1 Membrane classification according to pore size and their separation targets. 

 

Ⅰ. 2. Membrane separation technology in water treatments 

Ⅰ. 2. 1. Microfiltration (MF) 

Microfiltration (MF) is a separation process in which the membranes with 0.05 to 10 

m of pore size are used [11–13]. As a characteristic property of MF membranes, they 

can separate a variety of insoluble components, such as emulsions, microorganisms, and 

suspended solids from solutions (Figure Ⅰ-2). Regarding the applications, MF is widely 

used industrially, for example, refining fermented liquids, prefiltration of seawater, food 

process, membrane bioreactor (MBR) for treatment of wastewater and so on [13,14]. 

Almost all of MF membranes are organic membranes, which are made by various organic 

polymers such as polyethylene, polysulfone, polyvinylidene fluoride (PVDF), etc. [11,13]. 

However, some of inorganic membranes have also been commercialized in recent years 

[15]. They have longer lifetime than that of organic membranes.  
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Figure Ⅰ-2 Schematic of microfiltration (MF). 

I. 2. 2. Ultrafiltration (UF) 

Ultrafiltration (UF) is a separation process in which the membranes with 0.01 m to 

0.1 m of pore size are used, and the range of molecular weight cut-off is about 3 to 100 

kDa [10,12,16]. UF membranes can separate smaller particles than MF membrane, for 

examples, enzymes, proteins and virus, etc. (Figure Ⅰ-3). On the other hand, much smaller 

molecules such as inorganic ions cannot be separated by UF membranes [17]. Regarding 

the applications, UF is also widely used industrially, for example, virus removal in 

pharmaceutical manufacturing and impurity removal in ultrapure water production [11]. 

It is also used as a pretreatment for the desalination process with reverse osmosis (RO) 

membrane [18]. Additionally, UF membrane is also used as a microporous support for 

fabricating thin film composite (TFC) membranes which has ultrathin active layer on the 

UF [19]. 

Almost all commercial UF membranes are organic membrane, for example, 

polyacrylonitrile, polysulfone, and poly ether sulfone, etc [16]. 

 
 

Figure Ⅰ-3 Schematic of ultrafiltration (UF). 
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Ⅰ. 2. 3. Nanofiltration (NF) 

The pore size of nanofiltration (NF) membrane is approximately 1 nm [17, 20]. Many 

of NF membranes are composite or asymmetric membrane, which has an active layer 

(skin layer) on porous support layer (Figure Ⅰ-4) [17]. Historically, NF membrane was 

called as a loose RO. Small molecules such as H2O and monovalent ions can permeate 

through the active layer by the dissolution/diffusion mechanism, but some bigger solute 

such as multivalent ions and proteins cannot. Therefore, NF membranes can separate 

small compounds that permeate through UF and MF membranes. Regarding the 

application of NF, NF process is used for water purification for manufacturing electronic 

devices at first. Now, NF is also applied to water softening, and recovery of valuable 

resources. Today, most popular NF membranes are TCF membrane with polyamide 

active layer on polysulfone support, and cellulose acetate asymmetric membrane [20–22].  

 
 

Figure Ⅰ-4 Schematic of nanofiltration. 

Ⅰ. 2. 4. Reverse osmosis (RO) 

RO is a process that separates water and ions with a semi-permeable membrane by 

applying an external pressure higher than the osmotic pressure difference between feed 

and permeate to the feed side (Figure Ⅰ-5) [19]. RO membranes have an active layer on 

a porous support layer, as well as NF membranes (Figure Ⅰ-6). However, the active layer 

of RO membranes is denser than that of NF, so that RO membrane can separate H2O and 

monovalent ions, which cannot be separated by NF membranes. Because RO can separate 

H2O and Na+, RO have been applied to many desalination processes such as brackish 

water and seawater desalination [23]. Furthermore, RO is also applied for recovery of 
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various valuable resources, for example, in food, chemical and pharmaceutical processes 

[24–26]. With the progress of RO operation, the osmotic pressure of the feed solution 

increases as the increasing of concentration of the solute in the feed solution. Therefore, 

RO membranes are required to have high pressure resistance. Moreover, RO has a limit 

to the osmotic pressure of feed that can be handled [19]. Recently, research for expanding 

the applicable concentration range of RO has been conducted [18]. 

The materials of RO membrane are the same as those of NF membranes [19]. 

 

 
Figure Ⅰ-5 Mechanism of water permeation in reverse osmosis (RO). 

 

 
 

Figure Ⅰ-6 Schematic of Reverse osmosis (RO). 

Ⅰ. 3.  Another membrane separation technology in water treatments 

In the membrane processes mentioned above, the principle of membrane separation is 

the size sieving using TMP as the driving force. However, there are some feed solutions 
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that cannot be treated by the membrane technologies mentioned above. Thus, in recent 

years, another membrane separation technologies which use different separation 

principles and driving force have been studied. In this section, I explain Forward osmosis 

(FO), Pervaporation (PV), and Membrane distillation (MD) as examples of another 

membrane technologies.  

Ⅰ. 3. 1. Forward osmosis (FO) 

In FO process, a semi-permeable membrane and a high osmotic pressure solution 

which is called as a Draw solution (DS) are used (Figure Ⅰ-7) [27, 28]. In FO process, 

water permeates through the membrane using the osmotic pressure difference between 

feed solution and DS as a driving force. Therefore, FO does not need applying high TMP 

to permeate water through the FO membrane, unlike RO [28]. So, FO can save operation 

energy more than RO because FO consumes less electricity for pump. However, FO needs 

the recovery of DS, because DS is diluted and decrease its osmotic pressure by permeated 

water during FO operation.  

The materials of FO membrane are the same as those of RO and NF membranes [28–

30]. 

 
Figure Ⅰ-7 Mechanism of water permeation in forward osmosis (FO).  

Ⅰ. 3. 2.  Pervaporation  

Pervaporation (PV) is a technology for separating volatile components from a solution 

using a dense semipermeable membrane (Figure Ⅰ-8) [31]. In PV, only volatile 
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components in the feed solution permeates through the dense active layer of the PV 

membrane by the dissolution/diffusion mechanism by using vapor pressure difference as 

a driving force [31]. Due to the differences in solubility and diffusivity between solute 

(volatile components) and solvent against the active layer of the PV membrane, PV can 

separate volatile components regardless of molecular size. On the other hand, the 

permeability of PV membrane tends to be low due to the dense layer. In addition, the 

system becomes complicate to obtain vapor pressure difference, for example, using 

vacuum pump or sweep gas on the permeate side of PV membrane [32].  

As the material of dense active layer of PV membrane, hydrophilic polymers and 

hydrophobic polymers are selected according to the target components. For example, poly 

vinyl alcohol is often used as the hydrophilic polymer, and polydimethylsiloxane is often 

used as the hydrophobic polymer because of their high permeability for volatile molecules 

[33,34].  

 

 
 

Figure Ⅰ-8 Schematic of pervaporation (PV).  

I. 3. 3. Membrane distillation (MD)  

Membrane distillation (MD) is a process that can separate a vapor and a solution by 

using porous membrane [35–37]. In treating an aqueous solution, hydrophobic porous 

membrane is used as MD membrane, because an aqueous solution cannot permeate 

through the membrane due to its hydrophobicity, but vapor can permeate through the 

membrane pore [37]. In MD, permeability of the vapor becomes much larger than that of 

PV, due to larger pore size of MD membrane. However, there is the risk of membrane 

wetting which causes the loss of ability of separating vapor and solution [38].  
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The details of MD are described in the section Ⅰ.4, since MD is the membrane process 

treated in this thesis. 

 

Ⅰ. 4.  Membrane distillation (MD) 

Ⅰ. 4. 1. Principle of membrane distillation 

As described at section I.3.3, MD is a process that can separate a vapor and solution 

using porous membrane. In a water treatment by MD, the water vapor from feed solution 

permeates through the MD membrane by using the vapor pressure difference as a driving 

force, and then the permeated vapor is condensed at the permeate side of the membrane 

[35–37]. Involatile solute such as Na+ cannot permeate through the membrane, so that the 

purity of condensed water obtained by MD is very high [36].   

The driving force of MD is the vapor pressure difference between feed side and 

permeate side of MD membrane. Therefore, as long as the vapor pressure difference can 

be obtained, MD can treat a solution with very high osmotic pressure which cannot be 

treated by RO [39].  

Even for such high performances of MD technologies for water treatment, MD is not 

still widely commercialized. One of the biggest issues for commercialization of MD is its 

expensive water production cost [40–42]. In MD process, heat energy and membrane cost 

are the large portions of the water production cost [41]. MD operation does not require a 

high TMP like RO, but requires thermal energy for vaporization. Most of the energy 

consumed by MD is this thermal energy, but it is thought that energy consumption can be 

reduced by using low-grade waste heat or solar energy [42,43]. Moreover, the severe issue 

of MD is membrane wetting. If the membrane gets wet, the liquid and solute will permeate 

through the membrane and contaminate the permeate. In addition, wetting pore cannot 

permeate the vapor. As a result, wetted membranes will not function as the MD membrane. 

In this manner, the membrane wetting is closely related to the stable operation of MD and 

the life of the MD membrane. Thus, various studies for improving the hydrophobicity of 

the membrane have been conducted in order to avoid membrane wetting. However, the 

anti-wetting of membrane is still challenging. 
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Ⅰ. 4. 2. Theory of membrane distillation  

I. 4. 2. 1. Vapor permeability through the membrane  

In MD process, the vapor flux, J (kg/m2·h) is proportional to the vapor pressure 

difference between the feed side and the permeate side, and is given by Equation (Ⅰ-1) 

[44–46] 

𝐽 =  𝛼(𝑃𝑓𝑒𝑒𝑑 − 𝑃𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒)  (Ⅰ-1) 

where,  (kg/m2·h·kPa), Pfeed (kPa) and Ppermeate (kPa) indicate the vapor permeation 

coefficient, the saturated vapor pressures at membrane surface of the feed side, and of the 

permeate side, respectively. Many studies of the vapor permeation coefficient, , have 

been reported to reveal the mechanism of MD and to improve MD technology. In many 

previous studies, the Kinetic Theory of Gases is used to explain the behavior of vapor 

permeation through the MD membranes [47,48]. In this theory, the mass transport of the 

vapor is explained by several types of flow, Knudsen type of flow, molecular diffusion 

type of flow, and mixed model of them (Figure Ⅰ-9). 

 

Figure Ⅰ-9 Schematic of transporting mechanism of vapor permeation in the pore of MD 

membrane: (a) Knudsen type of the flow, (b) molecular diffusion type of the flow. 

 

The mechanism changes depending on the value of Knudsen number which is 

determined by the relation between the mean free path of the vapor molecule and the pore 

size of the membrane as is defined by Equation (Ⅰ-2), 
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𝐾𝑛  =  
𝜆

𝑑𝑝
 (Ⅰ-2) 

where Kn (-),  (m), and dp (m) indicate the Knudsen number, the mean free path of vapor 

molecule, and the membrane pore diameter, respectively. The mean free path is given by 

Equation (Ⅰ-3) [7], 

𝜆 =  
𝑘𝐵𝑇

√2𝜋𝑃𝑚𝜎2
 (Ⅰ-3) 

where kB (-), T (K), Pm (Pa) and σ (m) indicate Boltzmann constant, absolute temperature, 

mean pressure within the pore, and collision diameter of the vapor molecule, respectively. 

In the case of water vapor molecule, the mean free path of water vapor is given by 

Equation (Ⅰ-4) [9],  

𝜆𝑊  =  
𝑘𝐵𝑇

√2𝜋𝑃𝑚(2.641 × 10−10)2
 (Ⅰ-4) 

where W (m) indicates the mean free path of water vapor molecule. 2.641 means the 

collision diameter of water vapor molecule. It is found from Equation (I-4) that W varies 

depending on the water vapor temperature, and/or the mean pressure within the membrane 

pore.  

If Kn is larger than 10, vapor molecule flows as Knudsen type of flow. If Kn is smaller 

than 0.01, vapor molecule flows as molecular diffusion type of flow [47,49]. And if Kn 

is larger than 0.01 and less than 10, vapor molecule flows as the combined flow of these 

two types of flow. If the membrane is composed of the pores with a uniform pore size ru 

(m), the water vapor permeation coefficient of Knudsen type of flow, W
K, molecular 

diffusion type of flow, W
D, and combined flow,  W

C are given by Equations (Ⅰ-5)–(I-7), 

respectively [47,49–51], 

𝛼𝑊
𝐾  =  

2

3𝑅𝑇

 𝑟𝑢

𝜏𝛿
(

8𝑅𝑇

𝜋𝑀𝑊
)

1
2

 
(Ⅰ-5) 

𝛼𝑊
𝐷  =  

1

𝑅𝑇𝛿

 𝑃𝐷𝑊

𝑝𝑎𝜏
 (Ⅰ-6) 

𝛼𝑊
𝐶  =  

1

𝑅𝑇𝛿
(

3𝜏

2𝜀𝑟𝑢
(

𝜋𝑀𝑊

8𝑅𝑇
)

1
2

 +  
𝑝𝑎𝜏

𝜀𝑃𝐷𝑊
)

ｰ 1

 (Ⅰ-7) 
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where R (J/K·mol) is the gas constant.  (m),  (-) and ru (m) indicate the membrane 

thickness, the membrane porosity, and the membrane pore radius, respectively. MW 

(g/mol) represents the molecular weight of water. pa (Pa),  (-) and P (Pa) indicate the air 

pressure in the membrane pore, the pore tortuosity of the membrane, and the total pressure 

in the membrane pore, respectively. DW denotes the diffusion coefficient of water. 

For example, when the Pm is 1.013 x 105 Pa, T is 323 K, and dp is 0.1 m,  W and Kn 

become 0.14 m and 0.71. So that the combined flow of Knudsen flow and molecular 

diffusion flow will occur. If Pm changes to 1.013 x 104 Pa, W and Kn become 1.4 m 

and 0.071. So that the only Knudsen flow will occur. In order to improve the permeation 

coefficient of the MD membrane, it is obvious from Equations (Ⅰ-5)–(Ⅰ-7) that the required 

membrane properties are larger membrane porosity, thinner membrane thickness, and 

smaller tortuosity. In addition, larger pore diameter is also required to improve the 

permeation coefficient of the MD membrane.  

 

Ⅰ. 4. 2. 2. Membrane wetting 

As mentioned above, MD membrane must separate liquid and vapor. If the membrane 

gets wet, the liquid and solute will permeate through the membrane and contaminate the 

permeate. Therefore, membrane wetting is the one of the biggest issues for stable MD 

operation. In order to avoid membrane wetting, MD membrane must have the property of 

being hard to be wetted by the liquid. For example, when handling an aqueous solution, 

a hydrophobic porous membrane is suit for MD membrane. The membrane durability for 

wetting is evaluated by the liquid entry pressure (LEP (Pa)), which is a pressure required 

for liquid to penetrate the membrane and is given by Equation (Ⅰ-8) [36,52,53]; 

𝐿𝐸𝑃 =  
−2𝐵𝜎𝐿𝑐𝑜𝑠𝜃

𝑟𝑚𝑎𝑥
 

 
(Ⅰ-8)  

where, B (-) indicates a geometric factor determined by pore structure, for example, B = 

1 for cylindrical pores. σL (kg/s2), θ (°), and rmax (m) indicate a surface tension of liquid, 

a contact angle of liquid, and a maximum pore radius of membrane, respectively. 

If TMP excess the LEP of the membrane, liquid will penetrate the membrane and 

membrane wetting will occur. In order to increase the LEP of the membrane, improving 
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the hydrophobicity of membrane surface to increase the contact angle, forming the surface 

shape like the lotus leaf, and reducing the maximum pore size are considered to be 

effective [54]. 

 

Ⅰ. 4. 3. Development of MD membrane  

MD membrane is required to have a high flux and a large LEP. As mentioned above, 

required properties for ideal MD membrane are as follows [36,48], 

・ Large mean pore diameter and small maximum pore diameter 

・ Thin membrane thickness 

・ High porosity 

・ Small tortuosity 

・ High hydrophobicity 

In order to develop membrane having these properties, many studies on MD membrane 

fabrication have been reported. As the material for MD membrane, a polymer having high 

heat resistance and high hydrophobicity is suitable. Therefore, polyolefins such as 

polyethylene (PE) and polypropylene (PP), and fluoropolymers such as PVDF and 

polytetrafluoroethylene (PTFE) are often used [55–58]. Among those polymers, PVDF is 

one of most reported materials for MD membrane, because of its high chemical resistance, 

hydrophobicity, and ease of fabrication [57,59]. 

Regarding the way to fabricate PVDF membrane, non-solvent induced phase 

separation (NIPS) and thermally induced phase separation (TIPS) (Figure Ⅰ-10) are often 

used [12,60]. In NIPS, the phase separation occurs in a uniform polymer solution by 

penetrating of a non-solvent to the polymer solution [12,59]. In TIPS, phase separation 

occurs by cooling the uniform polymer solution in which polymer is dissolved at a high 

temperature [12,57,61]  (Figure Ⅰ-10).  In addition, many researches to fabricate 

composite membrane have been reported.  
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Figure Ⅰ-10 Schematic of the fabrication of PVDF membrane, (a) NIPS, (b) TIPS. 

 

The shape of the membrane is roughly classified into a flat sheet membrane and a 

hollow fiber (HF) membrane (Figure Ⅰ-11) [36]. Flat sheet membrane is easy to fabricate. 

Therefore, many studies are reported on the fabrication of composite flat sheet membrane 

using novel materials, such as SiO2 [62], graphene oxide [63], carbon nanotube [64], and 

so on. Compared with a flat sheet membrane, the HF membrane has a larger specific 

membrane surface area per volume [65]. As described at section Ⅰ. 4. 4, there are various 

operating methods for MD, and there are suitable operating methods for each of the flat 

sheet membrane and the hollow fiber membrane.  

 

 

Figure Ⅰ-11 Schematic of the shape of membrane, (a) flat sheet membrane, (b) hollow fiber 

membrane. 
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Ⅰ. 4. 4. Operation method 

In MD, it is important to obtain the high vapor pressure difference between both sides 

of the membrane to increase the vapor flux. In addition, MD requires thermal energy for 

vaporization, which accounts for the most of energy consumption of MD [66]. In order 

to obtain high vapor flux and to save energy consumption, various studies have been 

reported on MD operating methods [35]. Those operation methods can be roughly 

classified into four, direct contact MD (DCMD), air gap MD (AGMD), sweep gas MD 

(SGMD), and vacuum MD (MD) [53].  Details of each operation methods are explained 

below.  

 

Ⅰ. 4. 4. 1. Direct contact MD 

Direct contact MD (DCMD) is a method in which a feed water flows in one side of the 

membrane and a cooling water flows in the other side (Figure Ⅰ-12) [45,67]. Water vapor 

permeates through the MD membrane from the feed side to the permeate side directly. 

DCMD is the simplest MD operation method, and it is easy to obtain the vapor pressure 

difference and generate high vapor flux. Therefore, among the various MD methods, most 

of researches have been conducted by DCMD. However, DCMD operation consumes a 

lot of energy because heat conduction through the membrane is easy to occur [46,66]. 

Regarding membrane types for DCMD, both flat sheet membrane and hollow fiber 

membrane are used [45]. 

 
Figure Ⅰ-12 Schematic of direct contact membrane distillation (DCMD). 
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Ⅰ. 4. 4. 2. Air gap MD 

Air gap MD (AGMD) is a method which has an air gap between the membrane and 

the cooling water (Figure Ⅰ-13) [68]. Heat energy can be used more efficiently than 

DCMD because heat conduction is reduced by the air gap [35,69]. In addition, it is 

possible to use the feed water as the cooling water and recover the latent heat for 

vaporization since the cooling water and the condensed water are separated from each 

other [70]. However, the vapor pressure difference is difficult to obtain, and vapor flux 

tend to be lower than DCMD [35]. Regarding membrane types for AGMD, flat sheet 

membrane is more suitable than hollow fiber membrane because it is easier to assemble 

the membrane module with the airgap which has constant distance between membrane 

and cooling water.  

 
Figure Ⅰ-13 Schematic of air gap MD (AGMD). 

 

Ⅰ. 4. 4. 3. Sweep gas MD 

Sweep gas MD (SGMD) is a method in which sweep gas flows through the airgap part 

of AGMD for activating the diffusion of vapor molecule from the membrane surface at 

air gap part to the condenser (Figure. Ⅰ-14) [35,71,72]. So, a high flux can be obtained in 

SGMD even if the cooling water and the membrane are separated from each other. In 

addition, heat energy consumption can be decreased due to low heat conduction like 

AGMD [71,73]. Both flat sheet membranes and hollow fiber membranes can be applied 
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to SGMD, because the wide tolerance of SGMD for the distance between the membrane 

and the cooling section.  

 
Figure Ⅰ-14 Schematic of sweep gas MD (SGMD). 

 

Ⅰ. 4. 4. 4. Vacuum MD 

Vacuum MD (VMD) is a method in which the airgap part of AGMD is decompressed 

for activating the diffusion of vapor molecule from the feed to the condenser through the 

membrane (Figure. Ⅰ-15) [35,53,74]. As same as SGMD, a high vapor flux can be 

obtained. In addition, heat conduction becomes very low because one side of the 

membrane is decompressed in VMD, and it leads high energy efficiency of MD operation 

[53]. On the other hand, in VMD, TMP becomes higher than any other MD methods, due 

to the decompression of permeate side of the membrane [74]. Therefore, the risk of 

membrane wetting will increase. For a stable VMD operation, the membrane with high 

LEP is needed [35,74]. As long as membrane has an efficient LEP, both flat sheet 

membranes and hollow fiber membranes can be applied to VMD because the wide 

tolerance of VMD for the distance between the membrane and the cooling section, like 

SGMD. 
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Figure Ⅰ-15 Schematic of vacuum MD (VMD). 

 

Ⅰ. 4. 5. Application of MD 

Almost all MD applications target aqueous solutions by using the hydrophobic 

membranes. In treating with aqueous solutions, MD can produce very pure water from 

various feed solutions. In addition, MD can make pure water even from very high 

concentration feed solution which cannot be treated by RO [39]. Regarding energy 

consumption for water production, it can be reduced by utilizing low-grade waste heat 

and solar energy, as mentioned above. In the previous researches of MD, the applications 

that can make use of such characteristics of MD have been studied as below. 

･ Water production 

 Water production has been considered as a major application of MD since the 

beginning of MD research. In particular, desalination has been studied as the main 

application of MD for a long time. Therefore, applications for desalination of seawater 

or brackish water have been reported most in MD researches [35,66,75,76]. Compared 

with RO, MD can improve the water recovery rate by treating with a higher 

concentration of feed water. In addition, the required electricity for pump can be 

reduced in MD [40,66]. Furthermore, it is possible to reduce the risk of membrane 

fouling because TMP of MD is much lower than RO [67]. 
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･ Concentration (recovery of valuable solute) 

 MD can squeeze water from high-concentration solutions as long as the vapor 

pressure difference is obtained. Taking advantage of this feature, the applications for 

concentrating solutions have been studied. For example, zero liquid discharge (ZLD), 

which is a technology to reduce the amount of wastewater, have been studied from the 

viewpoint of environmental perspective [77–79]. Currently, conventional distillation 

technologies such as vacuum distillation have been applied to the industrial processes 

[80]. MD has a potential to reduce energy consumption by using waste heat which is 

difficult to use by other distillation technologies. Some studies have also been 

conducted to apply MD in food process [9,81]. It is expected that MD can concentrate 

food process solution in lower temperature than conventional distillation [82]. In 

addition, MD can reduce membrane fouling because of lower TMP than any other 

membrane technologies, such as MF, UF, and RO [67]. 

 

Ⅰ. 5. Purpose of this study  

In this thesis, first, I investigated the required membrane properties for the stable long-

term MD operation, from the viewpoint of avoiding membrane wetting [83]. As described 

in section Ⅰ. 4. 1., MD has many merits that conventional technologies do not have. 

However, despite years of research, there are no examples of MD being commercialized, 

as far as I know. One of the biggest reasons of that is the membrane wetting. The 

membrane wetting makes the stable long-term MD operation difficult, and the life of MD 

membrane short. A stable long-term operation and a long membrane life are essential for 

commercialization. Many researches have been conducted to improve the membrane 

performance of MD, but few studies have been conducted to investigate the required 

properties of MD membrane from the viewpoint of stable long-term operation. In this 

study, I chose VMD as the ideal MD operating method because VMD has high heat 

efficiency, so that it is possible to reduce heat energy for water production. Furthermore, 

it is expected to obtain a higher flux in VMD, compared to other methods. Moreover, the 

risk of membrane wetting in VMD operation is highest in four MD setups, as mentioned 

in section Ⅰ. 4. 4. 4. Therefore, if the enough anti-wetting property is obtained as VMD 
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membrane, this membrane is possible to apply for other processes. I investigated the 

membrane characteristics required for long-term stable operation for VMD by using four 

types of PVDF HF membranes. PVDF was used because of its high chemical and heat 

resistance, and ease of fabrication. HF membrane was used because the HF membrane 

has a larger specific membrane surface area per volume than the flat membrane, and it is 

possible to emphasize the compactness, which is one of the strengths of the membrane 

technologies. 

Secondly, I attempted to apply VMD process for a seawater desalination [84].  In 

seawater desalination, a scale precipitation often occurs on the membrane surface, and it 

may lead a fatal problem for MD in seawater desalination [85,86]. This is because the 

scale precipitated on the surface of the membrane forms the scale layer and prevents vapor 

permeation [87,88]. In addition, precipitated scale makes membrane surface hydrophilic 

and then decreases LEP of the membrane, so that membrane wetting is likely to be 

occurred [87]. Therefore, I focused on the Reynolds number, and conducted research on 

the optimum membrane characteristics and operating method for preventing scale 

precipitation for VMD seawater desalination. 

Lastly, I further investigated the recovery of valuable solutes from organic 

solvent/water mixtures as a new application of MD [89]. The organic solvent/water 

mixtures are treated in various processes such as chemical, food, and pharmaceutical 

processes. In addition, the demand for non-heated concentration technologies has 

increased due to the abundance of heat-sensitive valuable solutes. It is considered that 

MD has many merits in the recovery the valuable solute, because MD uses the vapor 

pressure difference as a driving force for vapor permeation [35]. For example, membrane 

fouling can be reduced compared to the conventional method using TMP as the driving 

force [67]. Furthermore, it would be possible to use MD as the non-heated concentration 

technology due to the ease of obtaining vapor pressure difference by MD. However, it is 

difficult to treat the organic solvent/water mixtures with MD because they decrease the 

surface tension of aqueous solution and increase the risk of membrane wetting of MD. 

So, I have applied high hydrophobic PVDF HF membrane, which was obtained in the 

above investigation, to the recovery of valuable solutes from organic solvent/water 

mixtures. 
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Ⅰ. 6. Scope of this study 

This paper describes the improvement of MD membranes and applications of MD 

process. This thesis is divided into five parts. 

 

Chapter Ⅰ:  

The overall introduction for MD. This section contains the theory, the status of 

research and development, and application candidates of MD. 

 

Chapter Ⅱ:  

In this section, the effect of membrane characteristics on the long-term stability of 

VMD system were evaluated [83]. For this evaluation, four different types of 

polyvinylidene difluoride hollow fiber membranes were fabricated, and used for the 

VMD operation with 3.5 wt% NaCl aqueous solution at 65 °C as a feed under 11 kPa 

of air gap pressure. As a result of the evaluation, it was found that the liquid entry 

pressure (LEP) is the most important factor in the proposed VMD system. The pilot-

scale module was also investigated by using the membrane with LEP higher than 0.37 

MPa. It was revealed that the pilot-scale module was very stable for long-term 

operations, and the vapor flux was approximately 19.3 kg/m2･h with a total salt 

retention factor of over 99.9% during the 300-h operation. 

 

Chapter Ⅲ:  

This section shows how to avoid membrane scaling during VMD operation for 

seawater desalination [84]. Membrane scaling is one of the biggest issues which 

decrease vapor permeability and hydrophobicity of MD membrane, and lead membrane 

wetting and flux degradation [85–88]. To solve the scaling issue, the relationship 

between Reynolds number of feed and the amount of scale precipitation was evaluated. 

In the evaluation, vacuum MD (VMD) operations with super hydrophobic 

polyvinylidene fluoride (PVDF) hollow fiber (HF) membrane was conducted with a 

real seawater as a feed at various linear velocity. In addition, two types of HF 

membranes of different inner diameters were used. From the results of 24-hours VMD 

operation, it was found that the amount of scale precipitation on the bore surface of the 
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membrane satisfactorily decreased over 1200 of the Reynolds number. This was due to 

the decrease of concentration polarization at bulk/membrane interface [46,85,86]. The 

vapor flux also increased with the Reynolds number. Furthermore, the membrane with 

larger inner diameter could reduce the amount of scale precipitation and pressure drop, 

even at same linear velocity. From these results, operating with high linear velocity 

under which the Reynolds number of the feed is over 1200, and larger inner diameter 

HF membrane are needed for stable VMD seawater desalination operation. 

 

Chapter Ⅳ:  

This section shows the study for the new MD application, the recovery of the 

variable solute from the organic solvent/water mixtures without heating [89]. As 

mentioned in the section Ⅰ.5, it is harsh condition in which the feed solution contains 

organic solvent, because of the effect of organic solvent on decreasing surface tension 

of the aqueous feed solution. To deal with this situation, the high hydrophobic MD 

hollow fiber membrane was used in DCMD operating method. The DCMD with 1000 

ppm NaCl, which is a model valuable solute and an indicator of membrane wetting, 

aqueous solution achieved 0.8 kg/m2·h of vapor flux and > 99.9% of NaCl retention, 

even at feed and coolant temperatures of 25 and 10 °C, respectively. In addition, 

DCMD was conducted under various conditions, including feed temperatures of 25, 35, 

and 45 °C, and organic solvent concentration of 15, 30, and 50 wt%, using 

ethanol/water and acetonitrile/water mixtures containing 1000 ppm NaCl. As a result, 

it was found that the total vapor flux increased with increasing temperature and 

concentration of organic solvents, as the partial vapor pressure of the organic solvents 

increased. Additionally, no solute leaked under any condition, even when the surfactant 

was used as a valuable solute. 

 

Chapter Ⅴ:  

Summarizes the conclusions of this thesis. 
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Chapter Ⅱ 

 

Effect of the characteristic properties of 

membrane on long-term stability in the 

vacuum membrane distillation process 

 

Ⅱ. 1.  Introduction 

As mentioned in Section Ⅰ. 4. 1., membrane distillation (MD) processes have garnered 

attention as alternative technologies, because the demand for water treatments that cannot 

be handled by the RO process is increasing [35]. However, MD is not still widely 

commercialized due to its expensive water production cost [40–42].  

In MD process, heat energy and membrane cost are the large portions of the water 

production cost [41]. To reduce the heat energy cost, waste heat [42] or natural energy, 

such as sunlight, are considered [43]. In addition, it is important to increase the heat 

efficiency of the installation [35]. Heat efficiency significantly depends on the operation 

setup. So, it is important to select a setup with high heat efficiency. In addition, to reduce 

the practical membrane cost, it is important to increase the vapor flux (kg/m2·h) and 

lifetime of the MD membrane. 

As illustrated in Figure Ⅱ-1, the typical MD setups are divided into four systems 

[83,90]: direct contact MD (DCMD) (Figure Ⅱ-1a), air gap MD (AGMD) (Figure Ⅱ-1b), 

sweep gas MD (SGMD) (Figure Ⅱ-1c), and vacuum MD (VMD) (Figure Ⅱ-1d). DCMD 

is the simplest MD operation method and has been reported in many papers [35]. In 

DCMD, feed water is in contact with a coolant via a membrane and the pass for its vapor 

permeation is the shortest. Therefore, the vapor flux of DCMD is very high. However, 

heat efficiency is not high because heat conduction through the membrane is most likely 

to occur [46], and the temperature polarization decreases the flux [91]. AGMD suppresses 

the heat conduction through the membrane by providing an air gap between the membrane 

and cooling section [68]. Consequently, its heat efficiency was higher than that of DCMD. 

However, its vapor flux is lower than that of DCMD owing to the lower vapor pressure 
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difference. To speed up the diffusion transfer of vapor, in SGMD, sweep gas flows 

through the air gap part [92], while the air gap part is decompressed in the VMD [93]. 

Therefore, it is possible to achieve high vapor flux and low heat conduction 

simultaneously by SGMD and VMD. Especially, in VMD, the highest vapor flux is 

expected since the high vapor pressure difference can be obtained by decompressing the 

permeate side. In addition, in VMD, the effect of a temperature polarization will be 

neglected since the vapor pressure in the permeated side is determined by the decom-

pressed pressure of the permeate side. Additionally, VMD systems can prevent feed water 

from contaminating the permeated water because the membrane and condenser can be 

placed farther apart than DCMD and AGMD. In the ideal VMD case, it is almost 

unnecessary to operate the vacuum pump once the air gap part is decompressed during 

VMD operation. Thus, the energy cost for decompressing will be low. 

From the perspective of the total water production cost, VMD is considered to be the 

most efficient operation system. However, there are some specific problems for VMD. 

For example, the higher liquid entry pressure (LEP), which is defined as the pressure 

required for the liquid to penetrate the membrane [53], than other systems will be required 

since the large transmembrane pressure difference due to decompressing causes a wetting 

of membrane. It is also considered that the leaked salts through the membrane may 

crystalize on the permeate side of membrane surface. Thus, it is almost impossible to 

evaluate the membrane wetting (salt retention) continuously. In this chapter, taking these 

situations into consideration, I used the VMD as the operating system and I attempted to 

evaluate the effect of the characteristic properties of membrane on VMD performance, 

especially on the long-term stability of MD membrane. To achieve this goal, I fabricated 

four different types of polyvinylidene fluoride (PVDF) hollow fiber (HF) membranes 

[61,94,95] using the well-known methods. There is no novelty in the membrane 

fabrication methods, but the understanding on parameters which effectively affect the 

long-term stability of MD membrane will indicate the guiding principle of developing 

high performance MD membrane. Such kind of study has not been reported yet, as far as 

I know. 
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Figure Ⅱ-1 Schematics of typical membrane distillation (MD) operation setups [83]. (a) Direct 

contact MD (DCMD), (b) Air gap MD (AGMD), (c) Sweep gas MD (SGMD), (d) Vacuum MD 

(VMD). VMD was used in this paper. 

Ⅱ. 2.  Materials and Methods 

Ⅱ. 2. 1. Materials 

Solef 6010 and Solef 6020 (SOLVAY, Brussels, Belgium) were used as PVDF resins 

for the M-1 [94,95] and M-3 membrane fabrications [61], respectively. AEROSIL-R972 

(NIPPON AEROSIL, Tokyo, Japan) was used as the hydrophobic silica which is a pore-

forming agent. Di (2-ethylhexyl) phthalate (DOP), dibutyl phthalate (DBP) and glycerol 
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triacetate (GTA) were used as diluents of the PVDF polymer. Diethyl phthalate (DEP) 

was used as an extruded solvent in a thermally induced phase separation (TIPS) process. 

CH2Cl2, EtOH, and NaOH were used to wash the membrane after fabrication. 1-Buthanol 

was used to measure membrane porosity. NaCl was used as a model electrolyte in the 

feed solution. All these chemicals were purchased from FUJI-FILM Wako Pure Chemical 

Corporation, Osaka, Japan. A fluoropolymer FS-392B (Fluoro Technology Co. Ltd., 

Aichi, Japan) was used as the hydrophobic agent. 

Ⅱ. 2. 2. Fabrication of PVDF Membrane 

Ⅱ. 2. 2. 1. Fabrication of PVDF Hollow Fiber Membrane 

Four different types of PVDF membranes, M-1–M-4, were fabricated in this chapter. 

First, I fabricated M-1 and M-3 membranes by TIPS method. Then, M-2 and M-4 

membranes were obtained by the hydrophobic treatment of M-1 and M-3, respectively, 

as discussed in section 2.2.3. The fabricating conditions for M-1 and M-3 are listed in 

Table Ⅱ-1. 

M-1 was fabricated by the method described in the patent [94]. The dope solution of 

M-1 was a mixture of hydrophobic silica, DOP, DBP, and PVDF at a weight ratio of 

23:31:6:40. This dope solution was melted at 240 °C and extruded through the outer slit 

of a double-orifice spinneret. Simultaneously, nitrogen gas was discharged as a hollow 

part formation fluid from the inner slit of the spinneret. The extruded dope was introduced 

into a water bath (40 °C) through a 20 cm air gap and wound up at a speed of 20 m/min. 

Then, the stretching process was conducted on the obtained membrane. Initially, tension 

was applied to the membrane to stretch it to double its length, after which the tension was 

released. The final membrane length was 1.5 times longer than that of the prepared 

membrane. Next, the membrane was immersed in CH2Cl2 to remove DOP and DBP, and 

then dried. Subsequently, the membrane was immersed in a 50 wt% EtOH aqueous 

solution and then immersed in 5 wt% NaOH aqueous solution at 40 °C for 1 h to remove 

silica. It was revealed that silica particles were removed completely by the analysis of the 

membrane composition. After washing with water and drying, the PVDF hollow fiber 

membrane M-1 was obtained. 

M-3 was also fabricated by TIPS using the triple-orifice spinneret. M-3 was fabricated 

according to the method described in a previous study [61]. Briefly, GTA was used as the 
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bore liquid and DEP as the solvent extruded through the outermost channel of the triple-

orifice spinneret. The dope solution of M-3 was a mixture of GTA and PVDF at a weight 

ratio of 67:33. 

 

Table Ⅱ-1 Fabricating conditions for PVDF hollow fiber membrane M-1 and M-3. 

Spinning conditions M-1 M-3 

Dope solution PVDF/Si/DOP/DBP = 23/31/6/40 PVDF/GTA = 33/67 

Spinneret Double-orifice Triple-orifice 

Melting Temp. (°C) 240 190 

Bore fluid N2 GTA 

Extruded solvent None DEP 

Length of air gap (cm) 20 5 

Take-up speed (m/min) 20 20 

Elongation rate 150% None 

 

Ⅱ. 2. 2. 2. Preparation of Membrane Modules 

The modules are distinguished by membranes; for example, the module installed by 

M-1 is called the M-1 module. The M-1 lab-scale module was fabricated by inserting 35 

of M-1 membranes, 11 cm in length, into a pipe and both ends were cured with a urethane 

adhesive. The effective bore surface area of the membrane in the lab-scale module was 

0.006 m2 (Figure Ⅱ-2) [83]. The M-3 lab-scale module with the same bore surface area 

was made by introducing 55 of M-3 membranes, 11 cm in length, into a pipe. A pilot-

scale module was fabricated in the same way as the lab-scale modules using 700 M-1 

membranes with lengths of 50 cm. The effective bore surface area of the membrane in 

the pilot-scale module was 0.44 m2. 
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Figure Ⅱ-2 Schematic of membrane modules for VMD [83]. 

Ⅱ. 2. 2. 3. Hydrophobic Treatment 

One side of the M-1 lab-scale module was sealed, and then a hydrophobic agent was 

injected into the inside of the hollow fiber membranes from another side of the module 

to wet the whole membrane (Figure Ⅱ-3) [83,95]. The outer surface of the HF membranes 

were also wetted by a permeated hydrophobic agent (fluoropolymer FS-392B). After the 

entire membrane was wetted, excess hydrophobic agent was removed. Then, the 

membrane was dried overnight at around 25 °C by dry air flowing into the module. This 

operation was repeated twice and the M-2 lab-scale module was obtained. Using this 

operation, entire parts, including bore surface, shell surface, and cross section of the 

membrane, were hydrophobized. The same hydrophobic treatment was performed on the 

M-3 lab-scale and M-1 pilot-scale modules to fabricate the M-4 lab-scale and M-2 pilot-

scale modules, respectively. 
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Figure Ⅱ-3 Schematic diagram of hydrophobic treatment [83]. 

 

Ⅱ. 2. 3. Characterization of PVDF Membrane 

Ⅱ. 2. 3. 1. Pore size Distribution and Porosity 

The pore size distributions of all the hollow fiber membranes were measured using a 

liquid-liquid porometer (LLP-1100A, Porous Materials, Inc., Ithaca, NY, USA) [61]. In 

this method, pore presence was detected by sensing an increase in the flow rate at a given 

applied differential pressure, after which “mean flow pore size” was calculated. 

The porosity of each hollow fiber membrane was measured via the gravimetric method 

[96]. 

 

Ⅱ. 2. 3. 2. LEP Measurement 

To measure the liquid entry pressure (LEP) of each membrane, both the bore and shell 

sides of the membrane installed in the lab-scale module were filled with water, and then 

pressure was applied to the bore side (Figure Ⅱ-4) [83]. Pressure was gradually in-creased 

while observing the water level in the tube attached to the shell outlet of the module. LEP 

was determined as the pressure at which the water level in the tube began to rise [97]. 
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Figure Ⅱ-4 How to measure LEP of membrane [83]. 

Ⅱ. 2. 3. 3. Polymer Composition of Membrane Surface 

To confirm the change of surface condition before and after hydrophobic treatment, 

polymer composition of M-1 and M-2 were observed by XPS (ESCALAB250, Thermo 

Fisher Scientific, Inc., Massachusetts, MA, USA). AlKα (15kV x 10mA) was used as the 

X-ray source. Membrane sample was prepared by cutting into around 1 mm size and open 

the hollow fiber to be able to analyze bore surface. Bore surface of M-1 and M-2 were 

analyzed, and shell surface of M-2 was also analyzed. The presence of fluoropolymers 

derived from hydrophobic agent was identified by comparing the peak at 292eV which is 

considered to be derived from a fluoroethylene carbon of the hydrophobic agent. 

 

Ⅱ. 2. 3. 4. VMD Evaluation 

In the evaluation of the MD performance, especially long-term operation, an in-

creasing feed concentration greatly affects the result, because of the change of water 

activity coefficient in the feed. Furthermore, if precipitation of the salt occurs with 

condensation of feed, it may cause a clogging of membrane pore resulting in a decreasing 

flux. Thus, in this study, the feed concentration was kept constant to avoid such effects, 

and to evaluate the effect of characteristic property of membrane accurately. 
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The evaluation of the MD performance of the lab-scale module was conducted using 

the equipment shown in Figure Ⅱ-5 [83]. A 3.5 wt% NaCl aqueous solution was used as 

the feed and heated to 65 °C, then it was circulated to the bore side of the membrane 

module at a flow rate of 600 mL/min. When the feed volume was reduced via the MD 

operation, a liquid level sensor installed in the feed tank switched on the pump to supply 

distilled water and maintain a constant NaCl concentration. The condenser connected to 

the membrane module was cooled below 20 °C by circulating cooling water at a flow rate 

of 1000 mL/min. The condenser was also connected to a temporary saving chamber for 

the permeated water. The shell side of the membrane module, inside the condenser, and 

saving chamber were maintained at a pressure of 11 kPa using a vacuum pump. The 

permeate water stored in the temporary saving chamber was dis-charged into the water 

sampling tank, while the salt concentration of the permeated water was measured by the 

in-line conductivity meter. The vapor flux through the membrane is given by Equation 

(Ⅱ-1): 

𝐽𝑤 =  
𝑊𝑝

𝐴 𝑡
 

 
(Ⅱ-1) 

where Jw (kg/m2·h), Wp (kg), A (m2), and t (h) represent water vapor flux, weight of the 

permeated water, effective membrane bore surface area, and operating time, respectively 

[98]. 

Leaking salt flux (g/m2·h) was obtained from the operating time and weight of salt 

permeated through the membrane. Generally, VMD membrane performances were solely 

evaluated by permeated water quality [57,98–101]. However, during VMD operation, 

leaking salt exists not only in permeated water alone but also on the membrane shell 

surface. In this study, to evaluate membrane performance more accurately, I washed the 

shell side of the membrane module after the VMD operation to determine the amount of 

salt on the shell surface of the membrane. Then, the total amount of leaking salt was 

calculated using Equations (Ⅱ-2)–(Ⅱ-4), 

𝐽𝑠𝑡  =  𝐽𝑠𝑝 + 𝐽𝑠𝑟  
(Ⅱ-2) 

𝐽𝑠𝑝  =  
1000𝑚𝑝

𝐴 𝑡
=  

1000𝑊𝑝𝐶𝑝

𝐴 𝑡
 (Ⅱ-3) 
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where Jst (g/m2·h), Jsp (g/m2·h), and Jsr (g/m2·h) represent the total leakage salt flux, 

leaking salt flux into permeated water, and leaking salt flux remaining on the shell surface 

of the membrane, respectively. Jsp and Jsr are given by Equations (Ⅱ-3) and (Ⅱ-4), 

respectively, where mp (kg), Cp (wt%), mr (kg), Ww (kg), and Cw (wt%) represent the 

weight of salt in permeated water, salt concentration in permeated water, weight of the 

salt remaining on the shell surface of the membrane, weight of washing water, and salt 

concentration in the washing water, respectively. Additionally, Cp and Cw were obtained 

from the electrical conductivity of the permeated water and washing water, respectively. 

 The salt retention factor, rF (%), is calculated using Equations (Ⅱ-5)–(Ⅱ-7), 

 

where Cf (wt%), Cp
0 (wt%), and mp

0 (kg) represent the salt concentration in the feed, 

accurate salt concentration of permeated water given by Equation (Ⅱ-6), and weight of 

the totally permeated salt given by Equation (Ⅱ-7), respectively. 

 

𝐽𝑠𝑟 =  
1000𝑚𝑟

𝐴 𝑡
=  

1000𝑊𝑤𝐶𝑤

𝐴 𝑡
 (Ⅱ-4) 

𝑟𝐹 =  {1 − 
C𝑝

0

𝐶𝑓
} ×  100 (Ⅱ-5) 

C𝑝
0 =  

𝑚𝑝
0

𝑊𝑝
 × 100  (Ⅱ-6) 

𝑚𝑝
0 =  𝑚𝑝 + 𝑚𝑟 (Ⅱ-7) 
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Figure Ⅱ-5 Schematic of lab-scale VMD system. 

 

The evaluation of the M-2 membrane pilot-scale module was conducted using the 

equipment illustrated in Figure Ⅱ-6 [83]. Here, 10 L of 3.5 wt% NaCl aqueous solution 

was used as the feed. The feed was heated to 65 °C and supplied to the bore side of the 

M-2 membrane at a flow rate of 7 L/min. The pressure in the condenser was maintained 

at 11 kPa by a vacuum pump. Tap water (< 40 °C) was used as the coolant and supplied 

to the condenser at a flow rate of 10 L/min. The permeate was stored in the temporary 

saving chamber once. The chamber had a level sensor to monitor the level of the permeate 

in the camber. When the certain amount (around 3 L) of the permeate accumulated in the 

chamber, the level sensor turned on the permeate discharging pump to return the permeate 

to the feed tank until the level reaches below lower limit of the sensor to maintain the 

constant salt concentration of the feed. The volume of accumulated permeated water and 

its salt concentration were measured by an integrated flow meter installed at the 

permeated water discharging pump, and a conductivity meter, respectively, when the 

permeate was returned to the feed tank. Flux was obtained from the operating time and 

the volume of permeated water. The weight of permeated water was calculated using its 

density as 1.0 g/mL because the permeated water was almost pure, as mentioned later. 

The total amount of leaking salt was calculated as a sum of the amount of salt contained 
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in the permeated water and the amount of salt remaining on the shell surface of the 

membrane. These were obtained similar to that of the lab-scale VMD evaluation. 

 

 

Figure Ⅱ-6 Schematic of pilot-scale module. The salt concentration of feed water was kept 

constant by returning the permeated water to the feed tank. 

Ⅱ. 3.  Results and Discussion 

Ⅱ. 3. 1.  Membrane Morphology 

Figure Ⅱ-7 shows SEM images of M-1–M-4 [83]. It is found from Figure Ⅱ-7 that M-

1 has a highly porous and uniform sponge-like structure throughout its cross section. Its 

bore surface porosity is higher than that of the shell surface. In contrast, M-3 consists of 

spherulites with a diameter of approximately 10 μm. There are several micron pores on 

the bore surface. Although the number of pores on the shell surface is less than that on 

the bore surface, there are crack-like gaps between spherulites. Comparing SEM images 

of M-1 with M-3, the pore size of M-1 appears to be more uniform than that of M-3, and 

the porosity on the bore surface of M-1 seems to be higher than that of M-3. This is due 

to the silica particles added as a pore forming agent in fabricating M-1. Additionally, from 

these SEM images, it can be also seen that silica does not remain in the M-1 and M-2 [94]. 

Regarding the difference of membrane morphology of M-1 and M-3, it is mainly due to 
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the difference of the bore fluid, and existence of the extent solvent. In M-1 fabrication, 

the concentration of PVDF polymer arise rapidly by evaporation of the diluent as it passes 

through the air gap, resulting in small pore [96]. On the other hand, in M-3 fabrication, 

the extent solvent prevents evaporation of diluent, and the PVDF concentration becomes 

lower than M-1, resulting in larger pore than that of M-1. M-2 and M-4 were obtained by 

the hydrophobic treatment of M-1 and M-3, respectively. There is no clear difference in 

the SEM images between M-1 and M-2, and between M-3 and M-4. Therefore, the 

hydrophobic agent apparently formed a very thin layer on the polymer surface of the 

hollow fiber. Figure Ⅱ-8 shows the results of XPS analysis of the surface of M-1 and M-

2 [83]. It is found that a peak at 292 eV which is considered to be derived from a 

fluoroethylene carbon of the hydrophobic agent is observed only on the bore and shell 

surfaces of M-2, although the intensity from bore surface is higher than that from shell 

surface. 

 

Figure Ⅱ-7 SEM images of M-1 - M-4 membrane [83]. (a) Cross section, (b) Near the bore side 

of the cross section, (c) Near the shell side of the cross section, (d) Bore surface, (e) Shell surface. 
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Figure Ⅱ-8 The results of XPS analysis of M-1 and M-2 [83]. 

 

Ⅱ. 3. 2.  Evaluation of Physical Properties of Membranes 

Table Ⅱ-2 presents the properties of each membrane. The outer and inner diameters of 

M-1 are 1.22 and 0.66 mm, respectively, and its membrane thickness is 0.28 mm. In 

comparison, the outer and inner diameters of M-3 are 0.75 and 0. 47 mm, respectively, 

and its membrane thickness is 0.14 mm. The mean pore size of M-1 is 0.10 μm, which is 

smaller than that of M-3 (0.19 μm). The porosity of M-1 is 72% and higher than that of 

M-3 (49%). The hydrophobic silica used in the membrane fabrication as a pore-forming 

agent may contribute to the fabrication of such a highly porous membrane [94]. The 

maximum pore size of M-1 is 0.12 μm, which is smaller than that of M-3 (0.23 μm). 

Consequently, the LEP of M-1 is 0.25 MPa, and higher than that of M-3 (0.17 MPa). 

Figure Ⅱ-9 shows the pore size distribution of M-1–M-4 [83]. In comparison, the pore 

size distribution of M-1 is narrower than that of M-3. In summary, from the perspective 

of obtaining the flux, M-1 has both an advantage (higher porosity) and disadvantages 

(thicker membrane and smaller mean pore size) when compared with M-3. In contrast, 

from the perspective of salt retention in the MD process, M-1 is superior to M-3 because 

M-1 has a higher LEP because its maximum pore size is smaller than that of M-3. 
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When compared with M-2 fabricated by the hydrophobic treatment of M-1 [95], there 

were no changes in the outer diameter, inner diameter, and thickness of M-1. Furthermore, 

other properties such as pore size and porosity are also approximately the same. Only the 

contact angle of M-2 was increased from 103° for M-1 to 132° by the hydrophobic 

treatment, as presented in Table Ⅱ-2. Therefore, the LEP of M-2 also improved from 0.25 

to 0.37 MPa. As mentioned above, there is very thin layer of the hydrophobic agent on 

the shell surface of M-2, revealed from the XPS analysis. This improvement of contact 

angle of the shell surface of the membrane indicates that hydrophobic treatment has 

remarkable effect on the hydrophobicity of the membrane surface even by the very thin 

layer of the hydrophobic agent. 

Regarding the M-3 and M-4 fabricated by the hydrophobic treatment of M-3, both the 

contact angle and LEP of M-4 were also increased by the hydrophobic treatment without 

any change in other properties. From these results, it is expected that M-1 and M-2 exhibit 

the same vapor flux and deferent salt retention. Similarly, M-3 and M-4 are expected to 

have the same flux and deferent salt retention. By comparing these membranes, it is 

possible to discuss the effect of each physical property on stability during long-term VMD 

operation. 

 

Table Ⅱ-2 Membrane properties of M-1 – M-4. 

Membrane 
OD 1 ID 2 Thickness 

Mean pore 

size 3 

Maximum 

pore size 
Porosity 

Contact 

angle 
LEP 

[mm] [mm] [mm] [μm] [μm] [%] [°] [MPa] 

M-1 1.22 0.66 0.28 0.10 0.12 72 103 0.25 

M-2 1.22 0.66 0.28 0.10 0.14 72 132 0.37 

M-3 0.75 0.47 0.14 0.19 0.23 49 113 0.17 

M-4 0.75 0.47 0.14 0.20 0.22 54 134 0.19 

1 Outer diameter.  

2 Inner diameter.  

3 Mean flow pore size. 
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Figure Ⅱ-9 Pore size distribution of each membrane, M-1–M-4 [83]. 

 

Ⅱ. 3. 3.  VMD Performance 

Ⅱ. 3. 3. 1.  VMD Performance of Lab-scale Module 

M-1, M-2, M-3, and M-4 lab-scale modules were evaluated to confirm the relationship 

between vacuum MD (VMD) performance, membrane morphology, and their physical 

properties such as porosity, pore size distribution, and LEP. In this evaluation, 3.5 wt% 

of NaCl aqueous solution was used as the feed, and the lab-scale module with a 0.006 m2 

effective bore surface area (Figure Ⅱ-3) was used. The VMD operation of all four modules 

was performed for 100 h because M-3 was wetted over 100 h, making it impossible to 

evaluate the performance. Table Ⅱ-3 presents the results of the VMD test. In the column 

of water vapor flux, “Initial” represents the flux during 1 h after starting operation, “Last” 

represents the flux from 99 to 100 h, and “Average” indicates the flux during the entire 

operating terms of 100 h. The leaking salt flux was obtained at the end of the operation. 

In the column of leaking salt flux, “Salt in permeated water” indicates the leaking salt 

flux calculated from the amount of salt in permeated water, “Salt remaining on membrane” 

represents the flux calculated from the amount of salt retained on the shell surface of the 

membrane, and “Total” represents the sum of “Salt in permeated water” and “Salt 
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remaining on membrane.” “Leaking salt flux” represents the flux during a 100-h 

operation. The retention factor was obtained at the end of the operating term.  

 

Table Ⅱ-3 VMD operation results for M-1 – M-4 lab-scale module. 

Membrane 

Water vapor flux  Leaking salt flux 

Retention 

factor 6 Initial 1 Last 2 
Last / 

Initial 
Average 3  

Salt in 

permeated 

water 4 

Salt 

remaining on 

membrane 5 

Total 

[kg/m2·h] [kg/m2·h] [%] [kg/m2·h]  [g/m2·h] [g/m2·h] [g/m2·h] [%] 

M-1 43.2 37.2 86.1 38.7  0.05 3.39 3.44 99.7 

M-2 43.9 40.3 91.7 42.0  0.04 0.64 0.68 >99.9 

M-3 33.7 21.0 62.5 28.8  0.06 34.33 34.39 96.6 

M-4 33.2 24.1 72.6 26.5  0.06 13.60 13.67 98.5 

1 Obtained from the weight of permeated water during one hour after starting operation. 

2 Obtained from the weight of permeated water during one hour before ending operation. 

3 The flux during whole operating terms. 

4 Obtained from the amount of salt in permeated water during whole operating term. (Equation (Ⅱ-

3)). 

5 Obtained from the amount of salt remaining on membrane shell surface during whole operating 

term and operation time. (Equation (Ⅱ-4)). 

6 Obtained from the weight of salt in the feed and the total amount of permeated salt at the end of 

operation. (Equation (Ⅱ-5)). 

 

From Table Ⅱ-3, the order of the initial flux was determined to be M-2≧M-1>>M-3

≧ M-4. As earlier mentioned, compared to M-3, M-1 has both advantages and 

disadvantages with respect to vapor flux. However, it is clear that M-1 exhibits a higher 

initial vapor flux than M-3. This was possibly because a higher porosity had a larger im-

pact on the initial vapor flux than membrane thickness in this experiment. For the stability 

of the flux, the order of the last flux/initial flux is given as M-2>M-1>>M-4>M-3. This 

order correlates with the order of LEP presented in Table Ⅱ-2. This indicates that the 

membrane with higher LEP, which is mainly determined by higher hydrophobicity and/or 

smaller maximum pore size [53], is stably operated for a longer time. 
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Figure Ⅱ-10 shows the time course of the vapor flux of the four membranes over the 

entire operation period of 100 h [83]. It is clear that the vapor flux of M-2 was the most 

stable among the four membranes during the 100-h VMD operation. The fluxes of M-1 

and M-4 gradually decreased in the first 40 h, and then became constant. The flux of M-

3 continued to decrease during the 100-h operation. These results suggest that some pores 

with low LEP in the M-3 membrane became wet, which led to a pore clogging due to 

leaked salts and then, a decrease in vapor flux. 

 

Figure Ⅱ-10 Time course of vapor flux of four membranes [83]. 

 

Figure Ⅱ-11 shows the time course of the permeate water conductivity of each 

membrane over the entire operation period [83]. During the 100-h of operation M-1, M-

3, and M-4 exhibited “spikes” in their conductivity, while M-2 did not. Figure Ⅱ-12 shows 

the shell surface after 100 h of VMD operation [83]. From Figure Ⅱ-12, it is evident that 

in M-1, M-3, and M-4, the shell surface of each membrane was significantly or less 

significantly covered by the salt after the end of the operation, whereas the shell surface 

of M-2 was scarcely covered with salts. Therefore, it is reasonable to consider that a part 

of accumulated salt on the shell surface flakes from the surface occasionally, and melts 

in the permeate resulting in the spike in permeate conductivity. The accumulation of salt 

on the shell surface will also be the cause of flux decline. This indicates that the larger 

the LEP, the smaller the leaking salt flux. Interestingly, the salt amounts in permeated 
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water of all membranes were almost the same, despite the significant differences in LEP, 

as shown in Table Ⅱ-3. 

 

Figure Ⅱ-11 Time course of permeate water conductivity of four membranes [83]. 

 

 

Figure Ⅱ-12 The pictures of the M-1 to M-4 lab-scale modules after 100-h VMD operation [83]. 

(a) M-1, (b) M-2, (c) M-3 and (d) M-4. 

 

Figure Ⅱ-13 shows three kinds of leaking salt flux of four lab-scale membrane modules 

during the 100-h operation that were calculated from the permeated water conductivity, 

amount of salt attached on the shell surface of membrane, and total leaking salt flux (their 

total sum), respectively [83]. The order for the total leaking salt flux is M-3 (34.39 g/m2·h) 

> M-4 (13.67 g/m2·h) > M-1 (3.44 g/m2·h) > M-2 (0.68 g/m2·h). This order is opposite 

that of the LEP. Therefore, it is evident that the higher the LEP, the lower the salt leakage. 

Interestingly, from Figure Ⅱ-13, it is determined that most of the salt that permeated 
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through the membrane remained on the shell surface of the membrane. Even in the M-3 

and M-4 cases, the proportion of remaining salt on the shell surface were over 99% of the 

entire amount of permeated salt, as shown in Table Ⅱ-3. Provided it is calculated solely 

with the salt in permeated water, 96.6% of the retention factor of M-3 increases to over 

99.9%. In other words, it is one of merits of VMD that the conductivity of permeated 

water does not increase so much even with such a severe membrane wetting. 

 

 

Figure Ⅱ-13 Comparison of leaking salt flux of four membrane modules during the 100-h 

operation [83]. 

 

Figures Ⅱ-14 (a) and (b) present the salt retention factor and last/initial ratio of water 

vapor flux as a function of LEP, respectively, during the 100-h VMD operation [83]. 

Owing to insufficient data, it is challenging to quantitatively discuss the relationship 

between LEP and salt retention, and between LEP and the last/initial ratio of water vapor 

flux. Nevertheless, it is evident from Figures Ⅱ-14 (a) and (b) that the higher the LEP, the 

higher the salt retention factor and vapor flux stability. In the VMD system reported here, 

it is found that if the LEP is higher than approximately 0.32 MPa, the decline in the vapor 

flux is less than 10%, and the total salt retention factor is over 99.8% during the 100-h 

VMD operation. 
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Figure Ⅱ-14 The LEP dependency of (a) the total salt retention factor and (b) the stability of 

water vapor flux of M-1 – M-4 after the 100-h VMD operation [83]. 

 

Ⅱ. 3. 3. 2.  Scale-up and Long-term Operation 

Figure Ⅱ-15 (a) shows the results of the VMD long-term operation performed with the 

M-2 pilot-scale module [83]. The operation conditions were the same as those for the lab-

scale module, except for the feed flow rate of 7 L/min. The initial vapor flux was 19.3 kg/ 

m2·h. 

After 300 h of operation, the flux was 16.8 kg/m2·h, which maintained 87% of the 

initial flux. The conductivity of the permeated water was 8 μS/cm or less throughout the 

entire operation period, which corresponds to less than 6.4 ppm of the total NaCl 

concentration of the permeated water. The total leaking salt flux, which was obtained 

from the sum of salt contents in the permeated water and on the shell surface, was less 

than 0.1 g/m2·h, as shown in Figure Ⅱ-15 (b) [83]. These results suggest that the M-2 

pilot-scale module is very stable for long-term operations. 
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Figure Ⅱ-15 Time course of (a) the vapor flux and the conductivity of permeate and (b) the total 

leaking salt flux determined from the sum of salt contents in the permeated water and on the shell 

surface during VMD operation of M-2 pilot-scale module [83]. 

 

Ⅱ. 4.   Conclusions 

In this chapter, I attempted to evaluate membrane properties that affect the long-term 

stability of membranes using a VMD system. First, I fabricated two different types of 

PVDF hollow fiber membranes, M-1 and M-3, then obtained M-2 and M-4 by treating 

M-1 and M-3 with hydrophobic agents, respectively. Regarding salt retention, I evaluated 

the salt retention factor using both the salt in the permeate, and also the salt retained on 

the shell surface of the membrane. Consequently, it was evident that the higher the LEP, 

the higher the salt retention and vapor flux stability. Theoretically, it should be possible 

to operate MD without wetting if the LEP of the membrane is higher than the pressure 

difference between the feed and permeate. However, practically, a much higher LEP than 

the practical pressure difference was necessary to operate the VMD stably. In the VMD 

system reported here, in which the vapor pressure difference was approximately 0.1 MPa, 

it was found that in the case where the LEP was higher than approximately 0.32 MPa, the 

decrease in vapor flux was less than 10% and the total salt retention factor was over 99.8% 

during the 100-h VMD operation. Furthermore, I attempted the 300-h VMD operation 

using a pilot-scale MD system, which installed the membrane with an LEP of 0.37 MPa 

(M-2), and demonstrated that the M-2 pilot-scale module was very stable for long-term 

operations. 
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Chapter Ⅲ 

 

Effect of hollow fiber membrane properties 

and operating conditions on preventing scale 

precipitation in seawater desalination with 

vacuum membrane distillation 

 

Ⅲ. 1.  Introduction 

As mentioned in Section Ⅰ. 4. 5., desalination of seawater has been studied as the main 

application of MD for a long time [35,66,75,76]. In seawater desalination, salt 

precipitation is one of the most severe challenges [85,86]. Scaling occurs when the saline 

concentration in the feed solution exceeds the saturated solubility of the salts. In particular, 

the salt concentration on the membrane surface readily increases because of concentration 

polarization, owing to the difficulty of renewing the feed solution in the boundary layer 

on the membrane surface [46,48,73]. The scaling on the membrane surface often forms a 

scale layer and cover the membrane surface, leading clogging of membrane pores and 

preventing vapor permeation [87,88]. As a result, the vapor flux decreases significantly. 

In addition, scaling generally hydrophilizes the membrane surface, resulting in a 

decline in the liquid entry pressure (LEP) [87]. LEP (MPa) is the pressure required for 

the liquid to penetrate the membrane [53]. The decline of LEP causes membrane wetting 

and deterioration of the stability of long-term operation [83]. Moreover, the solubility of 

some salts, such as calcium carbonate (CaCO3), which is the main component of scale in 

seawater desalination, decreases as the temperature increases [102]. Therefore, the risk of 

precipitation of such salts in MD operation will increase from other typical membrane 

desalination technologies such as RO. 

To date, various attempts have been made to address the problems of scaling in MD 

operations. For example, chemical and physical cleaning have been explored to remove 

the scale layer. In most cases of chemical cleaning, acid solutions such as hydrochloric 

acid, citric acid, humic acid, and acetic acid are used to dissolve basic salts such as CaCO3 
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[86,102–105]. Regarding physical cleaning, flushing, backwashing, and bubbling are 

applied to physically remove the scale layer physically [106–109]. Some pretreatment 

processes have also been investigated to decrease the scale. For example, antiscalants 

used in the RO process can prevent various types of scaling, such as carbonate, sulfate, 

and fluoride [85,86,110,111]. However, these processes have several disadvantages. For 

instance, frequent membrane cleaning may damage the membrane. In addition, the cost 

of chemicals and equipment increases the water production cost, and the actual operation 

time is reduced because the operation must be stopped during cleaning.  

Another approach is to solve the scaling problem [106]. Guan et al. demonstrated that 

a large Reynolds number makes scaling less likely to occur by computational fluid 

dynamics simulation for DCMD operation with a PVDF flat sheet membrane and various 

concentrations of NaCl aqueous solution. However, this problem is not very simple. The 

Reynolds number is generally increased by increasing the linear velocity of the feed. Thus, 

the transmembrane pressure (TMP) increases, which increases the possibility of 

membrane wetting.  

When the fluid flows in the pipe-shaped flow path, such as the bore side of the hollow 

fiber (HF) membranes, the Reynolds number Re can be calculated using Equation (Ⅲ-1) 

[112,113]. 

𝑅𝑒 =
𝜌𝜈𝑑ℎ

𝜇
=

𝜌𝜈𝑑

𝜇
 (Ⅲ-1) 

Where  (kg/m3),  (m/s), dh (m), and  (Pa･s) denote the density of the fluid, linear 

velocity of the fluid, hydraulic diameter of the flow pass, and viscosity of the fluid, 

respectively. When the flow pass is a pipe shape, dh is the diameter of the flow path, d 

(m). From the Equation (Ⅲ-1), the Reynolds number increases with linear velocity. 

However, as discussed above, the pressure applied to the inlet of the HF membrane must 

be increased to increase the linear velocity, resulting in an increase in TMP, especially in 

VMD, in which the permeate side of the membrane is under vacuum. Membrane wetting 

occurs when TMP exceeds the LEP of the membrane [53]. In addition, an increase in the 

linear velocity causes a larger pressure drop. The pressure drop is the energy loss when a 

fluid passes through the flow path; it is represented by the pressure difference between 

the inlet and outlet of the flow path. When the fluid flows into the pipe-shaped flow path, 

such as the bore side of the hollow fiber membranes, the pressure drop (ΔP) (Pa) can be 
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calculated using the Darcy–Weisbach equation given by Equation (Ⅲ-2) [112,113], 

𝛥𝑃 =
𝑓𝜌𝜈2𝐿

2𝑑
 (Ⅲ-2) 

 

 

where f (-) and L (m) denote the friction coefficient and length of the HF membrane, 

respectively. 

There are two types of flow, the laminar flow and the turbulent flow. With the increase 

of Reynolds number, the type of flow changes from the laminar flow to the turbulent flow. 

In addition, the friction coefficient f also varies depending on the types of flow. In general, 

the pressure drop of the turbulent flow was larger than that of the laminar flow. Therefore, 

even if scale precipitation is reduced by an increase in the Reynolds number, there 

remains challenges of membrane wetting and high energy loss. Moreover, the pressure 

drop increases with the scaling-up of the module because the pressure drop is proportional 

to the length of the flow path. When there is a large pressure drop, a high pressure must 

be applied to the inlet of the HF membrane to flow the fluid through the membrane while 

maintaining a high linear velocity. This results in a high TMP and increases the possibility 

of membrane wetting. Therefore, it is very important to use a membrane with high LEP, 

that is a highly hydrophobic membrane, to avoid the membrane wetting. It is also very 

important to avoid excessive increases in the pressure drop when increasing the Reynolds 

number of the feed. 

In this study, we used a hydrophobized polyvinylidene fluoride (PVDF) HF membrane 

for seawater desalination by VMD [83,84]. We focused on the Reynolds number of the 

feed to solve the scaling problem. Then, we aimed to resolve membrane scaling without 

an excessive increase in pressure drop by optimizing the membrane properties and 

operating conditions. In particular, we focused on the inner diameter of the HF membrane 

because as the diameter increases, the Reynolds number increases (Equation (Ⅲ-1)), 

whereas the pressure drop decreases (Equation (Ⅲ-2)). Thus, we attempted to evaluate 

the pressure drop, the vapor flux, and the scale precipitation using hydrophobized HF 

membrane with similar morphology and physical properties, but different inner diameters 

in order to evaluate the effect of inner diameter. To the best of our knowledge, no previous 

study has addressed the scaling problem using the same approach in real seawater 

desalination by VMD with HF membranes. 
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Ⅲ. 2.   Materials and Methods 

Ⅲ. 2. 1.  Materials 

Solef 6010 (SOLVAY, Brussels, Belgium) was used as the PVDF resin. AEROSIL-

R972 (Nippon Aerosol, Tokyo, Japan) was used as the hydrophobic silica, which is a 

pore-forming agent [83,84,89]. Di(2-ethylhexyl) phthalate (DOP) and dibutyl phthalate 

(DBP) were used as diluents for the PVDF polymer. CH2Cl2, EtOH, and NaOH were used 

to wash the membranes after fabrication. 1-Buthanol was used to measure the membrane 

porosity. HCl solution was used to dissolve the scale precipitated on the membrane 

surface. All chemicals were purchased from FUJI-FILM Wako Pure Chemical 

Corporation (Osaka, Japan). Fluoropolymer FS-392B (Fluoro Technology Co. Ltd., Aichi, 

Japan) was used as the hydrophobic agent. Seawater was collected from a 1 m depth of 

the sea, ~2 km off the coast of Suruga Bay (Shizuoka, Japan). The total dissolved solids 

(TDS) of the seawater was 3.5 wt%, which was determined by evaporating the seawater 

and then measuring the weight of the obtained residue. In addition, no organic compounds 

were detected in seawater using a total organic carbon analyzer (TOC-V CSN, Shimadzu 

Corporation, Kyoto, Japan). 

 

Ⅲ. 2. 2. Fabrication of hydrophobized PVDF Membrane 

Ⅲ. 2. 2. 1. Fabrication of PVDF Hollow Fiber Membrane, and Membrane 

Modules 

First, a PVDF HF membrane was fabricated by the thermally induced phase separation 

method described in the patent and treated with a hydrophobic agent, resulting in a PVDF 

HF membrane with a high LEP [94,95,114]. High LEP is essential requirement for long-

term stable MD operation as discussed in Section Ⅱ. 3. 3. 1. [83]. It is also necessary to 

use high LEP membrane in order to evaluate the impact of scaling on the stability of VMD 

operation accurately. A mixture of hydrophobic silica, DOP, DBP, and PVDF (weight 

ratio, 23:31:6:40) was melted at 240 °C and used as the dope solution. Two types of HF 

membranes, M-5 and M-6, with different inner and outer diameters (Table Ⅲ-1) were 

fabricated using two types of spinnerets using nitrogen gas as a hollow part formation 

fluid. The extruded dope was introduced into a water bath (40 °C) through a 20 cm air 
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gap and wound up at a speed of 20 m/min. Next, the membrane was immersed in CH2Cl2 

to remove DOP and DBP, and then dried. Subsequently, the membrane was immersed in 

a 50 wt% EtOH aqueous solution and then immersed in a 5 wt% NaOH aqueous solution 

at 40 °C for 1 h to remove silica. Analysis of the membrane composition revealed that the 

silica particles were completely removed. After washing with water and drying, a PVDF 

HF membrane was obtained.  

The fabricated membranes were inserted into a pipe to make VMD module shown in 

Figure Ⅲ-1 [83,84]. For M-5 VMD module, 10 or 20 M-5 membranes (length: 11 cm) 

were inserted into the pipe and curing both ends with a urethane adhesive. The total bore 

surface area of the membrane in M-5 VMD modules was 0.0017 or 0.0034 m2. For M-6 

VMD module, 7 or 14 M-6 membranes (length: 11 cm) was inserted into a pipe and curing 

both ends with a urethane adhesive. The total bore surface area of the membrane in M-6 

VMD modules was 0.0018 or 0.0036 m2. The long modules to measure the pressure drop 

of M-5 and M-6 were made by inserting three M-5 or M-6 membranes (length: 65 cm) 

into a nylon tube (~60 cm) and curing both ends with an epoxy adhesive, respectively. 

These modules were used in experiments after the hydrophobic treatment explained in 

the next section. The feed solution was flowed through the bore side to make the feed 

flow uniform through the module. 

 

Figure Ⅲ-1 Schematic of VMD modules [83,84,89]. 
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Ⅲ. 2. 2. 2. Hydrophobic Treatment 

Hydrophobic treatment of M-5 and M-6 membranes was conducted using VMD 

module shown in Figure Ⅲ-1 [83,84]. One side of the VMD module was sealed, and then 

hydrophobic agent was injected by a syringe into the inside of the hollow fiber 

membranes from another side of module to wet the whole membrane. The hydrophobic 

agent, fluoropolymer FS-392B was concentrated up to three times by evaporator before 

injection. By this operation, the hydrophobic agent physically adsorbed and 

hydrophobized the whole parts of membrane including bore surface, shell surface, and 

cross section. After the entire membrane was wetted by the concentrated hydrophobic 

agent, excess hydrophobic agent was removed by draining from feed inlet/outlet and 

vapor outlet. Then, the membrane was dried overnight at around 25 °C by dry air flowing 

into the module, and hydrophobized PVDF HF membrane module was obtained. M-5 and 

M-6 membranes in the long modules were also hydrophobized by the same procedure.  

  

 

Ⅲ. 2. 3. Characterization of hydrophobized PVDF membrane  

Ⅲ. 2. 3. 1. Porosity 

The hydrophobized hollow fiber membranes M-5 and M-6 were obtained by 

disassembling the module. The porosity of each membrane was then measured via the 

gravimetric method [96]. 

 

Ⅲ. 2. 3. 2. Liquid entry pressure (LEP) measurement 

To measure the LEP of the membrane, both the bore and shell sides of the membrane 

were filled with 20 wt% ethanol aqueous solution, and then pressure was applied to the 

bore side (Figure Ⅲ-2) [84,89]. The pressure was gradually increased while observing 

the liquid level in the tube attached to the shell outlet of the module. The LEP was 

measured as the pressure at which the liquid level in the tube began to increase. In this 

study, a 20 wt% ethanol aqueous solution was used as the solution for measuring the LEP 

of the membrane because the LEPs of M-5 and M-6 membranes for pure water were too 

high, leading to module breakage. 
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Figure Ⅲ-2 Measurement apparatus for the LEP of the membrane [84,89]. 

 

Ⅲ. 2. 3. 3. Pressure drop measurement 

The pressure drop of the feed solution between the module inlet and outlet was 

measured to confirm the relationship between the linear velocity of the feed solution and 

the membrane property, and the pressure drop, using long modules and pure water (Figure 

Ⅲ-3) [84]. The flow rate of pure water was measured by weighing the retentate returned 

to the feed tank for a certain period. The pressure drop was observed as the difference 

between the pressures at the inlet and outlet of the module by gradually increasing the 

flow rate. In addition, the measured pressure drop was compared with the theoretical 

pressure drop in order to recognize the type of flow under all conditions. The theoretical 

pressure drop can be calculated by using Equation (Ⅲ-2), but the friction coefficient f (-) 

varies depending on the type of flow. For the laminar flow, the friction coefficient fl (-) is 

given by the Hagen–Poiseuille law shown in Equation (Ⅲ-3) [112]: 

𝑓𝑙 =
64

𝑅𝑒
 (Ⅲ-3) 

For the turbulent flow in a smooth pipe, ft (-) is given by the Nikuradse equation, Equation 

(Ⅲ-4) [115]: 
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1

√𝑓𝑡

=  2𝑙𝑜𝑔(𝑅𝑒√𝑓𝑡)  −  0.8 (Ⅲ-4) 

In addition, the friction coefficient of turbulent flow for a Reynolds number less than 2 × 

104 is given by the Blasius equation, Equation (Ⅲ-5): 

𝑓𝑡 =
0.316

𝑅𝑒
1
4

 (Ⅲ-5) 

Notably, the ft obtained from Equation (Ⅲ-5) is larger than that obtained using Equation 

(Ⅲ-3) for Reynolds numbers greater than ~2 × 103. Generally, the laminar flow changes 

to turbulent flow when the Reynolds number exceeds ~2 × 103. The pressure drop of the 

laminar flow (𝛥𝑃𝑙) (Pa) is given by Equation (Ⅲ-6) from Equations (Ⅲ-1), (Ⅲ-2), and 

(Ⅲ-3), and that of the turbulent flow (𝛥𝑃𝑡) (Pa) is given by Equation (Ⅲ-7) from 

Equations (Ⅲ-1), (Ⅲ-2), and (Ⅲ-5): 

𝛥𝑃𝑙 =
32𝜇𝐿𝜈

𝑑2
 (Ⅲ-6) 

𝛥𝑃𝑡 = 0.158 
𝜌𝜈2𝐿

𝑑
(

𝜇

𝜌𝜈𝑑
)

1
4

 (Ⅲ-7) 

 

 

Figure Ⅲ-3 Measurement apparatus for the pressure drop of membrane modules [84]. 
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Ⅲ. 2. 3. 4. Vacuum MD (VMD) Evaluation 

Evaluation of the MD performance revealed that the increase in feed salt concentration 

greatly affects the result because of the change in the water activity coefficient in the feed 

[83]. Furthermore, if salt precipitation occurs due to the condensation of feed, the 

membrane pores may be clogged, resulting in a decreasing flux. Thus, in this study, the 

feed concentration was kept constant to avoid such effects and evaluate the impact of the 

operating conditions and characteristic properties of the membrane. 

The MD performance of the VMD modules was evaluated using the equipment shown 

in Figure (Ⅲ-4) [84]. Real seawater (1.5 L) was used as the feed and heated to 90 °C, 

which was measured at the module inlet, and then circulated to the bore side of the 

membrane module at an arbitrary flow rate. When the feed volume was reduced via the 

MD operation, a liquid level sensor installed in the feed tank was switched on the pump 

to supply distilled water and maintained the feed concentration constant. The condenser 

connected to the membrane module was cooled by circulating the cooling water of 10 - 

20 °C at a flow rate of 1000 mL/min. The condenser was connected to a temporary saving 

chamber for the permeated water. The shell side of the membrane module, inside the 

condenser, and the saving chamber were maintained at a pressure of 29 kPa using a 

vacuum pump. Under this condition, once the pressure of permeate side was 

decompressed to 29 kPa, the vacuum dawn scarcely take place even if the vacuum pump 

was turned off. Thus, we considered that 100% of vapor condensed in the temporary 

chamber. The flow rate of permeated water discharging pump was set at higher than the 

water vapor flux of permeated water, and was running during whole time of VMD 

operation. The salt concentration of the permeated water was measured using an in-line 

conductivity meter which was installed between the temporary saving chamber and the 

sampling tank. The vapor flux through the membrane, Jw (kg/m2·h), is given by Equation 

(Ⅲ-8) 

𝐽𝑤 =  
𝑊𝑝

𝐴 𝑡
  (Ⅲ-8) 

where Wp (kg), A (m2), and t (h) are the weight of the permeated water, effective 

membrane bore surface area, and operating time, respectively. 

The leaking salt flux (g/m2·h) was obtained from the operating time and the weight of 

salt permeated through the membrane. To evaluate the membrane performance more 
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accurately, the shell side of the membrane module was washed after the VMD operation 

to determine the amount of salt on the shell surface of the membrane. Jst was calculated 

using Equations (Ⅲ-9)–(Ⅲ-11) [83]: 

𝐽𝑠𝑡  =  𝐽𝑠𝑝 +  𝐽𝑠𝑟  (Ⅲ-9) 

𝐽𝑠𝑝  =  
1000𝑚𝑝

𝐴 𝑇
=  

1000𝑊𝑝𝐶𝑝

𝐴 𝑇
 (Ⅲ-10) 

𝐽𝑠𝑟 =  
1000𝑚𝑟

𝐴 𝑇
=  

1000𝑊𝑤𝐶𝑤

𝐴 𝑇
 (Ⅲ-11) 

where Jsp (g/m2·h) and Jsr (g/m2·h) are the leaking salt flux into the permeated water and 

the leaking salt flux remaining on the shell surface of the membrane, respectively. Jsp and 

Jsr are given by Equations (Ⅲ-10) and (Ⅲ-11), respectively, where mp (kg), Cp (wt%), mr 

(kg), Ww (kg), and Cw (wt%) are the weight of salt in permeated water, salt concentration 

in permeated water, weight of the salt remaining on the shell surface of the membrane, 

the weight of washing water, and the salt concentration in the washing water, respectively. 

To determine Cp and Cw, the calibration curve between the TDS of seawater and the 

electrical conductivity was obtained. In the MD process, salt permeates through the 

partially wetting pores of the membrane in a liquid state. Therefore, the composition of 

the leaking salt was considered to be approximately the same as that of seawater. 

Therefore, Cp and Cw could be obtained from the calibration curve by measuring the 

electrical conductivity of permeated water and washing water, respectively. 

rF is given by Equation (Ⅲ-12): 

 

where Cp
0 (wt%) and mp

0 (kg) are the accurate salt concentrations of permeated water 

given by Equation (Ⅲ-13), and the weight of the total permeated salt, given by Equation 

(Ⅲ-14), respectively. 

𝑟𝐹 =  {1 − 
𝐶𝑝

0

𝐶𝑓
} ×  100 (Ⅲ-12) 

𝐶𝑝
0 =  

𝑚𝑝
0

𝑊𝑝
 × 100 (Ⅲ-13) 

𝑚𝑝
0 =  𝑚𝑝 + 𝑚𝑟 (Ⅲ-14) 
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Figure Ⅲ-4 Schematic of VMD system [84]. 

 

 

Ⅲ. 2. 3. 5. Measurement of the amount of scale on the bore surface 

To measure the amount of precipitated salt on the bore surface of the membrane, 50 

mL of 0.1 M HCl aqueous solution was used to dissolve the precipitated salt. The 0.1 M 

HCl aqueous solution was passed through the bore and circulated in the system (Figure 

Ⅲ-5) at 100 mL/min for 1 min [84]. This cleaning process was repeated five times to 

completely dissolve the scale. We previously confirmed that the Ca2+ concentration in 

fifth acid cleaning solution was zero. Then, all cleaning solutions were combined, and the 

Ca2+ concentration in the cleaning solution was measured by inductively coupled plasma-

optical emission spectrometry (ICP-OES) (SPS6100, Hitachi High-Tech Science 

Corporation, Tokyo, Japan). The scale amount, ms (g), was calculated using Equation (Ⅲ-

15), assuming that the scale is CaCO3, because CaCO3 is the main component of scale in 

seawater desalination [116]. 

𝑚𝑠 =  
𝑊𝑎𝐶𝑖 𝑀𝑠 

100 𝑀𝑖
 (Ⅲ-15) 

where Wa (g) is the total amount of cleaning solution, Ci (wt%) is the concentration of 

dissolved cations in cleaning water, Mi (g/mol) is the molecular weight of dissolved 

cations, and Ms (g/mol) is the molecular weight of the scale. Thus, in this study, Mi was 

40.078 g/mol (Ca2+), and Ms was 100.087 g/mol (CaCO3). 
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Figure Ⅲ-5 Dissolution of the scale precipitated on the bore surface of the membrane [84]. 

Ⅲ. 3.  Results and Discussion 

Ⅲ. 3. 1. Morphology and Physical Properties of Membranes 

Figure Ⅲ-6 depicts the SEM images of M-5 and M-6 membranes; both membranes 

revealed a highly porous and uniform sponge-like structure throughout its cross section 

[84]. In addition, the morphology of M-5 and M-6 membranes are almost the same. Table 

Ⅲ-1 shows the physical properties of each membrane and indicates that the membrane 

properties of the M-5 and M-6 membranes such as porosity, contact angle, and LEP were 

almost the same except for inner and outer diameters. By using these membranes, it will 

be possible to evaluate the effect of inner diameter on the pressure drop, the vapor flux, 

and the scales precipitation, avoiding membrane wetting, because of high LEP of the 

membrane. 
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Figure Ⅲ-6 SEM images of M-5 and M-6 membrane [84]. (a) Cross section, (b) near the bore 

side of the cross section, (c) near the shell side of the cross section, (d) bore surface, and (e) shell 

surface. 

 

 

Table Ⅲ-1 Membrane properties of M-5 and M-6. 

Membrane 
OD 1 ID 2 Thickness Porosity Contact angle LEP 

[mm] [mm] [mm] [%] [°] [MPa] 

M-5 1.25 0.68 0.29 72 132 0.24 

M-6 1.83 1.02 0.41 73 133 0.23 
1 Outer diameter. 

2 Inner diameter. 
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Ⅲ. 3. 2. Relationship between the linear velocity of feed solution and 

membrane property, and pressure drop 

Long modules were used to investigate the relationship between the Reynolds number 

of the feed flow and the pressure drop. In this experiment, the feed was pure water at 

25 °C, and thus, ρ and  were 997 kg/m3 and 0.00089 Pa·s, respectively [117].  

Figures Ⅲ-7(a)-1 and 7(a)-2 show the pressure drop as a function of linear velocity, 

and as a function of Reynolds number for the M-5 module, respectively. Figures Ⅲ-7(b)-

1 and 7(b)-2 show similar results for M-6. In these figures, the Reynolds number was 

calculated with Equation (Ⅲ-1). The solid line shows the theoretical pressure drop 

calculated with Equation (Ⅲ-6) assuming the laminar flow. The dashed line shows the 

theoretical pressure drop calculated with Equation (Ⅲ-7) assuming turbulent flow. Figure 

Ⅲ-7 shows that the theoretical curve calculated assuming laminar flow fits with the 

experimental data under a Reynolds number of 1000 (linear velocity of ~1.31 m/s for M-

5 and ~0.88 m/s for M-6) but deviates from the experimental data over a Reynolds number 

of 1000. In contrast, the theoretical curve calculated assuming turbulent flow 

satisfactorily fits the experimental data over a Reynolds number of 1000. These results 

indicate the flow through the module changes from the laminar flow to the turbulent flow 

at a Reynolds number of ~1000 with an increase in linear velocity. Moreover, Figure Ⅲ-

7 shows that the pressure drop of M-5 is larger than that of M-6 at the same linear velocity 

and Reynolds number. This is because the inner diameter of the M-6 membrane was 1.5 

times larger than that of the M-5 membrane. Equations (Ⅲ-1), (Ⅲ-6), and (Ⅲ-7) show 

that the larger the inner diameter of the flow path, the larger the Reynolds number and 

the smaller the pressure drop.   



58 

 

 

Figure Ⅲ-7 Pressure drop as a function of (a)-1: linear velocity of the feed, and (a)-2: Reynolds 

number for M-5 long module. Pressure drop as a function of (b)-1: linear velocity of the feed, and 

(b)-2: Reynolds number for the M-6 long module [84]. 

Ⅲ. 3. 3. Performance of the VMD Module 

The effect of the linear velocity of the feed and Reynolds number on preventing scale 

precipitation was evaluated using real seawater as a feed with M-5 and M-6 VMD 

modules. In addition, their effect on vapor flux was also investigated. In this experiment, 

the feed-in temperature was raised to 90 °C to create severe conditions for scaling because 

the solubility of CaCO3 decreases with temperature [102]. In this evaluation, the effective 

bore surface area was 0.0017 or 0.0034 m2 for the M-5 module and 0.0018 and 0.0036 

m2 for the M-6 module. In calculating the Reynolds number, the feed was the seawater at 

90 °C, and 991 kg/m3 and 0.000345 Pa·s were used as ρ and  , respectively [118]. The 

VMD operation of the two modules was performed for ~24 h. During VMD operation, 

the feed concentration was kept almost constant by the method explained in Section 

Ⅲ.2.3.4. After VMD operation, modules were cleaned with a 0.1 M HCl solution to detect 
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the amount of scale precipitated on the bore surface of the membrane. In this experiment, 

the VMD operation was performed three times under each condition, and the average 

value and probable error were obtained. We used a new module in each experiment, since 

the bore surface was fouled by scale after the operation. Table Ⅲ-2 shows the results of 

the VMD test for each operating condition. The amount of precipitated scale (mg/m2･h) 

was obtained as the CaCO3 corresponding value. 
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Table Ⅲ-2 VMD operation results for the M-5 and M-6 VMD modules with the probable errors of the three operations. 

Membrane Linear velocity 
Reynolds 

number 

Operation 

time 

Feed-in 

temp. 

Feed-out 

temp. 

Vapor 

flux 

Leaking 

salt flux 

Salt retention 

rate 
CaCO3 

 [m/s]  [h] [°C] [°C] [kg/m2·h] [g/m2·h] [%] [mg/m2・h] 

M-5 

0.37 ± 0.02 1, 2 720 ± 41 25.2 ± 0.8 90.5 ± 0.1 82.2 ± 0.8 40.6 ± 5.4 0.17 ± 0.06 99.986 ± 0.002 106 ± 41 

0.46 *2 896 24.0 90.78 ± 0.02 81.6 ± 0.2 53.9 ± 0.9 0.10 ± 0.02 99.992 ± 0.002 51 ± 33 

0.5961 ± 0.0003 1, 2 1164 ± 1 21.4 ± 1.2 90.65 ± 0.04 83.7 ± 0.5 57.2 ± 1.4 0.1 ± 0.02 99.993 ± 0.001 0.45 ± 0.06 

0.76 ± 0.02 1, 2 1483 ± 37 23.0 ± 0.7 90.3 ± 0.1 84.6 ± 0.5 59.8 ± 1.8 0.26 ± 0.12 99.985 ± 0.007 0.5 ± 0.1 

1.39 ± 0.01 1, 2 2716 ± 18 24.0 90.8 ± 0.2 87.3 ± 0.6 67.9 ± 3.2 0.24 ± 0.07 99.988 ± 0.003 0.22 ± 0.04 

M-6 

0.316 ± 0.003 3, 4 925 ± 10 24.0 90.5 ± 0.1 84.2 ± 0.1 40.7 ± 0.9 
0.029 

± 0.004 

99.9935 

± 0.0002 
74 ± 49 

0.4079 4 1195 24.0 91.37 ± 0.04 84.86 ± 0.05 45.6 ± 0.3 
0.010 

± 0.001 

99.9951 

± 0.0001 
1.9 ± 0.2 

0.47 ± 0.01 3, 4 1368 ± 32 24.5 ± 0.3 90.6 ± 0.1 85.8 ± 0.2 44.8 ± 1.7 0.11 ± 0.05 99.990 ± 0.002 1.9 ± 0.9 

1.40 3 4098 24.0 90.36 ± 0.02 88.14 ± 0.02 58.0 ± 0.4 0.10 ± 0.03 99.991 ± 0.001 0.9 ± 0.1 
1 0.0017 m2 of M-5 module was used.  

2 0.0034 m2 of M-5 module was used.  

3 0.0018 m2 of M-6 module was used.  

4 0.0036 m2 of M-6 module was used. 

 



61 

 

Figures Ⅲ-8(a) and Ⅲ-8(b) show the amount of scale (CaCO3) precipitated on the bore 

surface of the membrane as a function of the linear velocity of the feed, and Reynolds 

number, respectively [84]. It is found from Figures Ⅲ-8(a) and Ⅲ-8(b) that the amounts 

of precipitated scales decrease significantly with the linear velocity, and the Reynolds 

number. It stands to reason that scale precipitation depends both the linear velocity, and 

the Reynolds number, since the Reynolds number depends on the linear velocity. 

However, it is found that the decrease of precipitated scale in M-5 and M-6 modules are 

not on the same line as a function of the linear velocity, but are almost on the same line 

as a function of the Reynolds number. This means that scale precipitation is mainly 

affected by the Reynolds number, i.e., the type of flow. This probably because the 

Reynolds number reflects the type of flow, and the turbulent flow significantly decreases 

the scale precipitation. The flow through the module changes from laminar flow to 

turbulent flow at a Reynolds number of ~1000 with an increase in the linear velocity, as 

discussed in Section Ⅲ.3.2. 

 

Figure Ⅲ-8 Amount of scale (CaCO3) precipitated on the bore surface in M-5 and M-6 VMD 

modules as a function of (a) linear velocity of the feed and (b) Reynolds number [84]. 

 

Figures Ⅲ-9(a) and 9(b) show the time course of vapor flux under high and low linear 

velocity conditions through (a) M-5 and (b) M-6 membranes, respectively [84]. Figure 

Ⅲ-9 shows that the vapor flux under high linear velocity conditions is higher than that 

under low linear velocity conditions and does not depend on the inner diameter of the HF 

membrane. This is because the feed-out temperature under high linear velocity conditions 

is higher than that under low linear velocity conditions, as shown in Table Ⅲ-2, resulting 

in higher vapor pressure differences as the driving force of vapor permeation under high 
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linear velocity conditions than under low linear velocity conditions. The vapor fluxes 

through the M-5 and M-6 membranes under high linear velocity conditions are much 

more stable than those under low linear velocity conditions during 24-h operation. This 

is because scale precipitation on the bore surface of the membrane easily occurs under 

low linear velocity conditions, in which the Reynolds number is <1200, as shown in 

Figures Ⅲ-9. This precipitated scale prevents vapor permeation through the MD 

membrane and causes a decrease in the vapor flux. These results indicate that the higher 

the linear velocity of the MD operation, the higher the flux and the more stable the 

operation. 

 

 

Figure Ⅲ-9 Time course of vapor flux of (a) M-5 and (b) M-6 membranes under high and low 

linear velocity conditions [84]. 

 

Figures Ⅲ-10(a) and Ⅲ-10 (b) depict the vapor flux as a function of the linear velocity 

and Reynolds number, respectively [84]. Vapor flux increases with the linear velocity of 

the feed and Reynolds number because, as seen in Table Ⅲ-2, the difference between the 

feed-in and feed-out temperatures decreases with the linear velocity of the feed or 

Reynolds number, and the average temperature of the feed in the module increases. Thus, 

the mean vapor pressure difference between the feed and permeate increases with the 

linear velocity of the feed or Reynolds number, resulting in a high vapor flux. In addition, 

the vapor flux through the M-5 membrane (circles) was higher than that through the M-6 

membrane (triangles). This is probably because the difference in the membrane thickness. 

The membrane thickness of M-5 was 1.5 times thinner than that of M-6. If VMD is 

operated under the same condition, the vapor flux depends on the membrane thickness. 
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Thus, if the VMD operation condition for M-5 is the same as that of M-6, the ratio of 

vapor flux between M-5 and M-6 should be constant and 1.5 in this experiment. However, 

in Figures Ⅲ-10(a), the vapor flux ratio increases with the linear velocity, while that in 

Figures Ⅲ-10(b) is approximately 1.3, and constant even though it is not 1.5. It means 

that the operation condition for M-5 is the same as that of M-6 if we consider the vapor 

flux as a function of Reynolds number. Thus, it is reasonable to consider that the vapor 

flux is mainly affected by the Reynolds number of the feed flow, as well as the scale 

formation, as discussed above.  

 

 

Figure Ⅲ-10 Vapor fluxes of the M-5 and M-6 VMD modules as a function of (a) linear velocity 

of the feed and (b) Reynolds number. Circles and triangles denote M-5, and M-6, respectively 

[84]. 

 

The phenomenon in which the amount of scale precipitation depends on the Reynolds 

number of the feed flow is qualitatively explained as follows: the amount of scale 

precipitation is closely related to the concentration polarization at the bulk/bore surface 

interface [46,73,85,86]. In general, the concentration polarization coefficient (CPC) was 

used to determine the concentration polarization effect on the surface of the membrane. 

CPC was given by Equation (Ⅲ-16). [46,48,85],  

𝐶𝑃𝐶 =
𝐶𝑚,𝑓

𝐶𝑏,𝑓
=  𝑒𝑥𝑝 (

𝐽𝑤

𝜌𝑘
) (Ⅲ-16) 

𝑘 =
𝐷

𝛿𝐵
 (Ⅲ-17) 

where Cm,f (wt%) and Cb,f (wt%) are the solute concentration at the bulk/membrane 
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interface and in the bulk feed solution, respectively. k (m/s) is the solute mass transfer 

coefficient for the diffusive mass transfer through the boundary layer and given by 

Equation (Ⅲ-17). D (m2/s) and δB (m) are the diffusion coefficient of the solute and the 

thickness of the boundary layer, respectively. δB can be calculated with Equations (Ⅲ-

18)–(Ⅲ-20) [48]. 

𝛿𝐵 =
𝐷

𝑘
 =  

𝑑ℎ

𝑆ℎ
＝ 

𝑑

𝑆ℎ
 (Ⅲ-18) 

𝑆ℎ =
𝑘𝑑ℎ

𝐷
 =

𝑘𝑑

𝐷
=  𝑎1𝑅𝑒𝑎2𝑆𝑐𝑎3(

𝑑

𝑙
)𝑎4 (Ⅲ-19) 

𝑆𝑐 =
𝜇

𝜌𝐷
 (Ⅲ-20) 

where Sh (-) is the Sherwood number given by Equation (Ⅲ-19) and Sc (-) is the Schmidt 

number given by Equation (Ⅲ-20). l (m) denotes the length of the feed channel. a1, a2, 

a3, and a4 are constants determined by the experimental condition [119–121]. For 

example, Kanamori et al. reported that the equation derived by Colburn, where a1 was 

1.62, and a2, a3, and a4 were 1/3, is in good agreement with experimental data obtained 

for HF membranes under laminar flow conditions [121]. In the case turbulent flow 

(Reynolds number > 104), a1, a2, a3, and a4 become 0.023, 0.8, 1/3 and 0, respectively 

[122]. In Equations (Ⅲ-18) and (Ⅲ-19), the hydraulic diameter, dh, is equal to the inner 

diameter of the HF, because the HF membrane with a pipe shaped cross section is treated 

in this study. Figure Ⅲ-11(a) shows the calculated Sherwood number of M-5 as a function 

of Reynolds number in both case of laminar flow and turbulent flow [84]. Figure Ⅲ-11(b) 

also shows the calculated Sherwood number of M-6. In calculating the Sherwood number, 

the feed was the seawater at 90 °C, and 991 kg/m3 and 0.000345 Pa·s were used as ρ and 

, respectively [34]. D was used 27.4 × 10-10 m2/s, which is the calculated diffusion 

coefficient of calcium ion in seawater at 90 °C. This was obtained by using Equation (Ⅲ-

21), which can be derived from the Stokes-Einstein equation [123]. 

𝐷 = 𝐷0


0



𝑇

𝑇0
 (Ⅲ-21) 

where D0 (m
2/s) and 0 (kg/m3) are the diffusion coefficient of solute and the viscosity of 

the fluid at T0 (K), respectively. In this calculation, 3.73 × 10-10 m2/s and 1028 kg/m3 were 

used as D0 and 0, respectively, which are the diffusion coefficient of calcium ion in 

seawater and the viscosity of seawater at 273.15 K (0 °C), respectively [124]. T is the 
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absolute temperature of solute, and 363.15 K (90 °C) in this calculation. It is found from 

Figures Ⅲ-11(a) and 11(b) that the Sherwood number increases as the increasing of the 

Reynolds number in both cases of laminar flow and turbulent flow. It is also found that 

the Sherwood number in turbulent flow becomes much larger than the Sherwood number 

in laminar flow.  

 
Figure Ⅲ-11 Calculated Sherwood number as a function of Reynolds number in both case of 

laminar flow (dotted line) and turbulent flow (chained line) of (a) M-5, and (b) M-6 [84]. 

 

Thus, it is found from Equations (Ⅲ-17) and (Ⅲ-18) that the solute mass transfer 

coefficient, k, increases with Sherwood number, that is with Reynolds number. It is found 

from Equation (Ⅲ-16) that a larger mass transfer coefficient decreases the CPC, resulting 

in a lower risk of scale precipitation. In contrast, the vapor flux, Jw, increases with the 

Reynolds number of the feed, as shown in Fig. 10(b), resulting in an increase in CPC, 

which increases the risk of scale precipitation. However, the increase in Jw will stop at a 

certain Reynolds number where the feed-out temperature becomes very close to the feed-

in temperature, since the increase of Jw over 1200 of Reynolds number is due to the 

increase of average temperature of feed in the module. That is, the effect of Jw on CPC is 

constant above this Reynolds number. However, Equations (Ⅲ-16)–(Ⅲ-20) show that the 

positive effect of the Reynolds number for scale precipitation (i.e., the decrease in scale) 

continuously increases as the Reynolds number increases. Thus, the decrease in CPC due 

to the increase in Reynolds number of the feed flow overcomes the increase in CPC due 

to the increase in vapor flux. Then, the operation at a large Reynolds number prevents 

scale precipitation by decreasing the concentration polarization.  
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Ⅲ. 4.  Conclusion 

Scale precipitation of the membrane surface is a severe problem for seawater 

desalination with MD operation. In this chapter, I investigated the Reynolds number of 

the feed to solve the scaling problem because the feed flow in the module changes from 

a laminar flow to a turbulent flow at a particular Reynolds number. Turbulent flow 

decreases the concentration polarization at the bulk/membrane interface and decreases 

scale formation.  

VMD operation was performed using two types of hydrophobized PVDF hollow fibers 

with similar morphologies and different inner and outer diameters, using real seawater as 

a feed. Results of the pressure drop in the module reveal that the feed flow changed from 

laminar flow to turbulent flow at a Reynolds number greater than 1000. Further, the extent 

of scale precipitation was mainly influenced by the Reynolds number of the feed flow 

rather than the linear velocity. As expected, the scale precipitation satisfactorily decreased 

to a Reynolds number of >1200 for the feed flow. This phenomenon was qualitatively 

explained by the decrease in concentration polarization with the Reynolds number.  

The vapor flux increased with the Reynolds number, which is the increase in linear 

velocity of the feed. This was due to the increase in the mean temperature of the feed in 

the module, resulting in an increase in the vapor pressure difference as a driving force. In 

addition, the vapor flux was very stable during 24 h of operation at high Reynolds 

numbers.  

Regarding the membrane size, it was confirmed that the scale precipitation through the 

HF with a larger inner diameter was less than that through the HF with a small inner 

diameter under the same linear velocity of feed flow. This was because the Reynolds 

number of the feed flow through the HF with a larger inner diameter was larger than that 

through the HF with a small inner diameter, even at the same linear feed velocity. It was 

also confirmed that the pressure drop in the module with HF with a larger inner diameter 

was lower than that in the module with HF with a smaller inner diameter.  

Selecting a larger inner diameter HF membrane and operating at a higher linear 

velocity in which a Reynolds number of >1200 is required to prevent scale precipitation 

without excessive pressure drop. This study provides guidelines for determining suitable 

membrane properties and VMD operating conditions. 
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Chapter Ⅳ 

 

Recovery of valuable solutes from organic 

solvent/water mixture by direct contact 

membrane distillation as non-heated process  

 

Ⅳ. 1. Introduction 

Recently, the demand for the recovery of valuable solutes from organic solvents/water 

mixtures have increased in numerous areas, including chemical and pharmaceutical 

production [125,126]. For instance, organic solvents/water mixtures are used in the 

synthesis and purification processes of peptides [127]. Since many of these peptides are 

heat-sensitive, the demand for non-heated concentration technology has increased.  

Numerous studies on organic solvent nanofiltration (OSN) as a non-heated 

concentration technology have been reported [128,129]. OSN is regarded as an energy-

efficient concentration method due to the absence of phase transition [130]. Additionally, 

since OSN is a membrane technology, it is easier to scale up than the conventional 

distillation technologies [125]. However, because OSN membranes separate solutes by 

size, it is difficult to concentrate valuable resources that are smaller than the membrane 

pore size without incurring losses, since they easily pass through the OSN membranes 

[131–133]. 

Under such circumstances, I focused on applying MD for the recovery of valuable 

solutes from organic solvents/water mixtures. Theoretically, MD can separate any solutes 

from a solvent, as long as the solutes are non-volatile. Thus, MD can separate small 

solutes which cannot be separated using OSN. In addition, it is possible to concentrate 

the feed at temperatures below ambient temperature, if the vapor pressure difference 

between the feed and permeate sides of the membrane is sufficient. Additionally, MD 

shares many of the same advantages as other membrane technologies, including a simpler 

system and greater scalability than conventional distillation technologies. 

Almost all MD operating conditions reported in previous studies report a feed 
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temperature higher than 40 °C and a feed solution that did not contain any organic 

solvents [134]. However, in applications such as chemical and pharmaceutical 

manufacturing processes, the operating temperature of the MD must be below ambient 

temperature to avoid the deterioration of valuable resources due to heat. In addition, 

organic solvents are frequently present in aqueous solutions. Thus, there are two 

challenges associated with applying MD technology to the process of chemical and 

pharmaceutical recovery. One issue is low vapor flux through the membrane as a result 

of a small vapor pressure difference caused by the low feed temperature. The other issue 

is membrane wetting caused by organic solvents. When the membrane is wet, liquids 

permeate through the membrane, resulting in the leak of solutes [38]. 

The vapor flux of MD, J (kg/m2·h) is proportional to the vapor pressure difference 

between the feed side and the permeation side and is given by Equation (Ⅳ-1) [44,45]. 

𝐽 =  𝛼(𝑃𝑓𝑒𝑒𝑑 − 𝑃𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒)  (Ⅳ-1) 

Here,  (kg/m2·h· kPa) is the vapor permeation coefficient. Pfeed (kPa) and Ppermeate (kPa) 

are the saturated vapor pressures of the feed side and of the permeation side, respectively. 

(Pfeed – Ppermeate) should be positive, since this is the driving force of vapor permeation. 

Equation (Ⅳ-1) suggests that as the temperature of the feed decreases, it becomes more 

difficult to get enough vapor pressure difference, as the saturated vapor pressure decreases. 

Therefore, the vapor flux of MD will become extremely low under low feed temperature 

conditions. Only a few studies of MD operation at low feed temperatures have been 

reported so far [45]. Furthermore, even if they were successful in MD operation, the vapor 

flux was extremely low. For example, Macedonio et al. performed direct contact MD 

(DCMD) operation at 30 °C and 25 °C for the feed and permeate, respectively [44]. 

Additionally, they used the commercial polypropylene flat sheet membrane and obtained 

0.2 kg/m2∙h as the water vapor flux. 

Membrane wetting is another severe problem in MD operation. Membrane wetting 

occurs when a trans-membrane pressure becomes higher than the liquid entry pressure 

(LEP). LEP (MPa) is the pressure required for the liquid to penetrate into the membrane 

pore [52]. LEP is given by Equation (Ⅳ-2). 

𝐿𝐸𝑃 =  
−2𝐵𝜎𝐿𝑐𝑜𝑠𝜃

𝑟𝑚𝑎𝑥
 

 
(Ⅳ-2) 
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Here, 𝐵  is a geometric factor determined by pore structure, for example, 𝐵  = 1 for 

cylindrical pores. 𝜎𝐿  is surface tension of a liquid, θ is a contact angle, and rmax is a 

maximum pore radius of membrane. In general, organic solvents decrease the surface 

tension of liquid in comparison with water, subsequently decreasing LEP [45]. Thus, MD 

is difficult to be applied for recovering valuable solutes from organic solvent/water 

mixtures, since the membrane is easily wetted. 

So far, few studies have been conducted that report the use of MD against organic 

solvent/water mixtures. In a few instances when an organic solvent/water mixture is used, 

the flux is extremely low as a result of improved LEP to avoid wetting. For example, 

Banat et al. performed an air gap MD (AGMD) operation using a polyvinylidene fluoride 

(PVDF) flat sheet membrane and treated an ethanol aqueous solution [135]. They obtain 

approximately 1 kg/m2∙h flux using 42 °C of 3.3 wt% EtOH aqueous solution as the feed. 

Additionally, Gupta et al. performed sweep gas MD (SGMD) using a composite 

membrane containing carbon nanotube to concentrate the iso-propanol aqueous solution 

[136]. 

In this chapter, I investigated to improve vapor flux from two perspectives: the 

membrane and the MD operation method. Regarding MD membrane, a hydrophobized 

PVDF hollow fiber (HF) membrane with a high vapor flux and high LEP, fabricated in 

chapter Ⅲ, was used as the MD membrane [84]. It is expected that by using this 

membrane, the vapor will permeate efficiently even at low temperatures where the vapor 

pressure difference is low. Additionally, the membrane will scarcely get wet with the feed, 

which contains organic solvents, because the membrane will maintain sufficient LEP by 

the combination of high hydrophobicity and small maximum pore size, even if the surface 

tension of the feed aqueous solution becomes low due to the contained organic solvents. 

Regarding MD operation, it is important to choose the method that allows for a large 

vapor pressure difference across the membrane while reducing the transmembrane 

pressure simultaneously. In this chapter, I chose DCMD as the most suitable operation 

method in typical four MD operation method as described in Figure Ⅳ-1 [90].  
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Figure Ⅳ-1 Schematics of typical membrane distillation (MD) operation setups. (a) Direct 

contact MD (DCMD), (b) Air gap MD (AGMD), (c) Sweep gas MD (SGMD), (d) Vacuum 

MD (VMD). DCMD was used in this chapter. 

 

It is because that the high vapor flux can be obtained in DCMD, simply by flowing water 

that is cooler than the feed. In terms of membrane wetting, DCMD has a lower 

transmembrane pressure than other MD processes. Therefore, there is a high possibility 

that it can be operated even if the LEP decreases due to the organic solvent contained in 

the feed.  
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Ⅳ. 2.   Materials and Methods 

Ⅳ. 2. 1.  Materials 

Solef 6010 (SOLVAY, Brussels, Belgium) was used as the PVDF resin [83,89,94]. 

AEROSIL-R972 (NIPPON AEROSIL, Tokyo, Japan) was the hydrophobic silica, and 

functioned as a pore-forming agent. The PVDF polymer was diluted using Di (2-

ethylhexyl) phthalate (DOP), and dibutyl phthalate (DBP). Following fabrication, CH2Cl2, 

EtOH, and NaOH were used to wash the membrane. The membrane porosity was 

determined using 1-Butanol., NaCl was used as a model electrolyte in the feed solution. 

Sodium dodecyl sulfate (SDS) was used as a model surface-active solute. All of these 

chemicals were purchased from FUJIFILM Wako Pure Chemical Corporation, Osaka, 

Japan. The fluoropolymer FS-392B (Fluoro Technology Co. Ltd., Aichi, Japan), was used 

as the hydrophobic agent [95,114]. 

 

Ⅳ. 2. 2.  Fabrication of hydrophobized PVDF Membrane 

Ⅳ. 2. 2. 1. Fabrication of PVDF Hollow Fiber Membrane 

The PVDF hollow fiber (HF) membrane was fabricated by the similar way of 

fabricating M-5 as described in Section Ⅲ. 2. 2., in which the thermally induced phase 

separation method and treatment with a hydrophobic agent were conducted, to produce 

PVDF HF with a high LEP [83,84]. At first, the PVDF HF membrane was fabricated 

using the TIPS method described in the patent [83,94]. The dope solution was comprised 

of hydrophobic silica, DOP, DBP, and PVDF at a weight ratio of 23:31:6:40. This was 

melted at 240 °C and extruded through the outer slit of a double-orifice spinneret. 

Simultaneously, nitrogen gas was discharged from the inner slit of the spinneret as a 

hollow part formation fluid. The extruded dope was then introduced into a water bath 

(40 °C) through a 20 cm air gap and wound up at a rate of 20 m/min. Following that, the 

membrane was immersed in CH2Cl2 to remove DOP and DBP, and then dried. 

Subsequently, the membrane was immersed in a 50 wt% EtOH aqueous solution, and 5 

wt% NaOH aqueous solution for 1 h at 40 °C to remove silica. The analysis of the 

membrane composition revealed that silica particles were completely removed. The 

PVDF HF membrane was finally obtained after washing with water and drying. After 
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inserting PVDF HF membranes into a lab-scale module, they were treated with a 

hydrophobic agent as described in section Ⅳ. 2. 2. 3.. 

 

Ⅳ. 2. 2. 2. Preparation of Membrane Modules 

A laboratory-scale module was constructed by inserting 70 PVDF HF membranes 

with a length of 11cm into a pipe and curing both ends with a urethane adhesive 

[83]. The total bore surface area of the membrane in the lab-scale module was 

0.012 m2 (Figure Ⅳ-2) [89].

 

Figure Ⅳ-2 Schematic of membrane modules for DCMD [89]. 

Ⅳ. 2. 2. 3. Hydrophobic Treatment 

One side of the feed inlet/outlet of the module was sealed, following which a 

hydrophobic agent was injected by a syringe into the bore side of the hollow fiber 

membranes from the other side of the feed inlet/outlet of the module to wet the whole 

membrane (Figure Ⅳ-3) [89]. Before injecting, the hydrophobic agent, fluoropolymer 

FS-392B was concentrated up to three times using an evaporator [114]. Additionally, a 

permeated hydrophobic agent wet the outer surface of the HF membranes. After wetting 

the entire membrane, the excess hydrophobic agent was removed. Using dry air flowing 

into the module, the membrane was then dried overnight at a temperature of ≈25 °C to 

obtain a hydrophobized PVDF HF membrane module. This operation hydrophobized 

entire HF membrane, including the bore surface, shell surface, and cross section of the 

membrane.  
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Figure Ⅳ-3 Schematic diagram of hydrophobic treatment [89]. 

 

Ⅳ. 2. 3.  Characterization of PVDF Membrane  

Ⅳ. 2. 3. 1. Liquid entry pressure (LEP) measurement  

To measure the LEP of the membrane, both the bore side and the shell sides were filled 

with 20 wt% ethanol aqueous solution, following which pressure was applied to the bore 

side (Figure Ⅳ-4) [89]. I used a 20 wt% ethanol aqueous solution to simulate actual 

operating conditions for LEP evaluation. The pressure was gradually increased while the 

liquid level in the tube connected to the module's shell outlet was monitored. LEP was 

determined as the pressure at which the liquid level in the tube began to rise [83]. 
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Figure Ⅳ-4 How to measure LEP of membrane [89]. 

 

Ⅳ. 2. 3. 2. DCMD Evaluation 

The MD performance was evaluated using the equipment shown in Figure Ⅳ-5 

[89,114]. The feed organic solvent/water mixture (1000 g) was heated to the desired 

temperature (25–45 °C) and circulated at a flow rate of 300 mL/min to the bore side of 

the membrane module. The feed solution contained 1000 ppm NaCl or SDS. The 

temperature of the cooling water (1000 g) was lowered to <10 °C and circulated at a flow 

rate of 300 mL/min to the shell side of the membrane module. The higher flow rate of 

feed and coolant is better to get higher vapor flux, since the effect of heat conduction is 

decreased. However, an applied pressure to the inlet of the HF membrane must be 

increased to increase the flow rate, resulting in the increase of transmembrane pressure 

and the increase of risk of membrane wetting. From the balance between the merit and 

demerit of high flow rate, 300 mL/min in the flow rate was chosen for the feed and the 

coolant. The total permeate vapor flux (sum of the water and organic solvents vapor 

fluxes) through the membrane, Jp (kg/m2·h) was given by Equation (Ⅳ-3): 
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𝐽𝑝 =  
𝑊𝑡

𝐴 𝑡
=

𝑊𝑐  − 𝑊𝑐
0

𝐴 𝑡
  

 
(Ⅳ-3) 

Here, Wt (kg) is the weight of permeate, Wc
0 (kg) and Wc (kg) are the weights of cooling 

water before and after the operation, respectively. A (m2) is the total membrane bore 

surface area, and t (h) is the operating time. 

The flux of total leaking solute, Js (g/m2·h) was given by Equation (Ⅳ-4): 

Js =
1000𝛥𝑚𝑠

𝐴 𝑡
=

1000(𝑊𝑐  𝐶𝑐  −  𝑊𝑐
0 𝐶𝑐

0)

𝐴 𝑡
  

 
(Ⅳ-4) 

here Δms (kg) is the difference of the amount of solute contained in cooling water before 

and after the operation. Cc
0
 (wt%), and Cc (wt%) are the solute concentrations in cooling 

water before and after the operation, respectively, which were obtained from the 

conductivity of the cooling water. 

The concentration factor F, and the solute retention ratio in the feed, β (%) were given 

by Equations (Ⅳ-5) and (Ⅳ-6), respectively. β (%) is also confirmed from the leaking 

solute flux given by Equation (Ⅳ-4). 

 𝐹 =
𝐶𝑠𝑓

𝐶𝑠𝑓
0  

 
(Ⅳ-5) 

 𝛽 =
𝑚𝑠𝑓

𝑚𝑠𝑓
0  ×  100 =  

𝑊𝑓  𝐶𝑠𝑓

𝑊𝑓
0 𝐶𝑠𝑓

0  × 100 
 
(Ⅳ-6) 

Here, msf
0 (kg) and msf (kg) are the amounts of solute in the feed before and after the 

operation, respectively. Csf
0
 (wt%) and Csf (wt%) are the solute concentrations in the feed 

before and after the operation, respectively, which were obtained from the conductivity 

of the feed. Wf
0 (kg) and Wf (kg) are the weights of the feed before and after the operation, 

respectively.  

The permeate vapor flux of organic solvent, Jos (kg/m2·h) was given by Equation (Ⅳ-

7): 

𝐽𝑜𝑠  =
𝑊𝑜𝑠

𝐴 𝑡
=

(𝑊𝑐 𝐶𝑜𝑠  −  𝑊𝑐
0 𝐶𝑜𝑠

0 )

𝐴 𝑡
 

 
(Ⅳ-7) 

here, Wos (kg) is the weight of permeated organic solvent through membrane. Cos
0
 (wt%) 

and Cos (wt%) are the organic solvent concentrations of cooling water before and after 

the operation, respectively. The organic solvent concentration was measured using the 
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refractive index meter PAL-RI (ATAGO CO., LTD., Tokyo, Japan). The accuracy of 

organic solvent concentration is about ± 0.5wt% for ethanol and ± 0.6wt% for acetonitrile 

due to the measurement accuracy of PAL-RI. 

The concentration of organic solvent in vapor Cosv (%) was given by Equation (Ⅳ-8): 

𝐶𝑜𝑠𝑣  =
𝐽𝑜𝑠

𝐽𝑝
 × 100 

 
(Ⅳ-8) 

 

Figure Ⅳ-5 The schematic of DCMD system [89]. 

 

Ⅳ. 3.  Results and Discussion 

Ⅳ. 3. 1. Membrane morphology and membrane properties 

Following a hydrophobic treatment, the PVDF HF membrane, described in a previous 

paper, was used in this study [83]. The morphology of the membrane is depicted in Figure 

Ⅳ-6, and its properties are listed in Table 1 [89]. As illustrated in Figures Ⅳ-6(a), Ⅳ-

6(b), and Ⅳ-6(c), the membrane had a highly porous and uniform sponge-like structure 

throughout its cross-section. Additionally, the bore surface porosity was observed to be 

higher than that of the shell surface (Figures Ⅳ-6(d) and Ⅳ-6(e)). Furthermore, due to 

the hydrophobic treatment, the water contact angle (132°) was higher than that of original 
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PVDF membranes (103°) (Table Ⅳ-1). As a result, the LEP of this membrane was quite 

high even when used with a 20 wt% ethanol aqueous solution (0.24 MPa), for which the 

original PVDF membrane was easily wetted. 

 

 

Figure Ⅳ-6 Membrane morphology. (a) Cross section, (b) Near the bore side of the cross 

section, (c) Near the shell side of the cross section, (d) Bore surface, (e) Shell surface [89]. 

 

Table Ⅳ-1 Membrane properties. 

Membrane 
OD 1 ID 2 Thickness Contact angle 3 LEP 4 

[mm] [mm] [mm] [°] [MPa] 

Before hydrophobic treatment 1.25 0.68 0.28 103 N/A 

After hydrophobic treatment 1.25 0.68 0.28 132 0.24 

1 Outer diameter. 

2 Inner diameter.  

3 Measured with water.  

4 For 20 wt% ethanol aqueous solution. 



78 

 

Ⅳ. 3. 2. MD performance 

Ⅳ. 3. 2. 1. Effect of operating temperature on MD performance 

DCMD operations were carried out using the DCMD system shown in Figure Ⅳ-5 

[89]. The effect of feed temperature on DCMD performance was investigated at first, 

maintaining a coolant temperature of ≈10 °C. The experiment used a 1000 ppm NaCl 

aqueous solution as feed, with NaCl serving as both a model valuable solute and an 

indicator of membrane wetting. Because NaCl is difficult to vaporize within the 

temperature range of MD operation, it is suitable for the valuable model solutes. 

Furthermore, NaCl is also a suitable indicator of membrane wetting because the size of 

the NaCl molecule is much smaller than the pore size of MD membrane (≈0.1 m) [83]. 

Thus, when the MD is not wet, NaCl does not permeate through the membrane. However, 

it easily permeates when the membrane is wet. Additionally, NaCl permeation can be 

detected easily by measuring the conductivity of the coolant. 

The results of the DCMD test with various feed temperatures are shown in Table Ⅳ-

2. In all conditions, the operation time was maintained at 2 hours. When the feed-in 

temperature was 25.1 °C, the water vapor flux through the membrane was 0.8 kg/m2·h. It 

further increased to 3.1 kg/m2·h as the feed-in temperature increased to 45.4 °C. Thus, 

the vapor flux increased with the feed temperature when the temperature of the coolant 

was kept constant. This is due to the increase in the vapor pressure difference between 

the feed and the cooling water, which is the driving force for vapor permeation across the 

membrane.  

Additionally, the leaking salt flux was less than 0.01 g/m2·h and the solute retention 

ratio in the feed was over 99.9%, in all conditions. This demonstrates that solutes, as small 

as Na+ and Cl- ions, can be maintained at a concentration of ≈100% in the feed. 
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Table Ⅳ-2 Results of DCMD operation with 1000 ppm NaCl aqueous solution as feed at various temperature. 

Temperature  
Operating 

time  

Water 

vapor flux 

Leaking solute 

(NaCl) flux 

Concentration 

factor 

Solute (NaCl) 

retention ratio 

in Feed Feed-in 1 Feed-out 2 Coolant-in 3 Coolant-out 4  

[°C] [°C] [°C] [°C]  [h] [kg/m2∙h] [g/m2∙h] [-] [%] 

25.1 23.4 11.5 12.9  2.0 0.8 <0.01 1.02 >99.9 

35.2 32.3 11.6 13.8  2.0 1.7 <0.01 1.04 >99.9 

45.4 40.4 12.8 17.1  2.0 3.1 <0.01 1.08 >99.9 

1 Temperature of the feed at module inlet.  
2 Temperature of the feed at module outlet.  
3 Temperature of the cooling water at module inlet.  
4 Temperature of the cooling water at module outlet. 
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Ⅳ. 3. 2. 2. MD performance with organic solvent/water mixture at various 

temperatures 

To confirm whether DCMD was capable of operating in an aqueous solution 

containing an organic solvent, ethanol and acetonitrile were used as the model organic 

solvents and the impact of the feed temperature on the membrane performance was 

investigated, with a coolant temperature of 10 °C. In all conditions, the feed contained 15 

wt% ethanol or acetonitrile, and 1000 ppm NaCl was also used as the model valuable 

solute. The DCMD operation was performed for 2 hours at three different feed 

temperatures, 25, 35, and 45 °C.  

As shown in Table Ⅳ-3, after two hours of operation, the leaking solute flux was less 

than 0.01 g/m2∙h and the solute retention ratio was greater than 99.9 % in all conditions. 

These performances were high enough to apply for solute recovery, and are comparable 

to the conventional OSN processes [131–133]. The results, thereby indicate that, despite 

the presence of an organic solvent in the feed, the solute is recovered sufficiently. This 

strongly suggests that the hydrophobic membrane is easy to maintain high a LEP, and 

that the DCMD mode can avoid excessive transmembrane pressure. 

Furthermore, the total vapor flux increased as the feed-in temperature increased, even 

in the presence of an organic solvent. Figure Ⅳ-7 shows the total vapor flux for three 

kinds of feeds as a function of feed-in temperature [89]. As illustrated, the total vapor flux 

was observed to increase due to the inclusion of the organic solvent. Additionally, it was 

found that the total vapor flux for the mixture of acetonitrile/water mixture is slightly 

higher than that for ethanol /water. 
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Table Ⅳ-3 Results of DCMD operation at various temperature with the feed which contains 1000 ppm NaCl and 15wt% of ethanol or acetonitrile. 

Organic 

solvent 

Temperature Operating 

time 

Vapor flux 

Feed-in 1 Feed-out 2 Coolant-in 3 Coolant-out 4 Total Water Organic solvent 

[°C] [°C] [°C] [°C] [h] [kg/m2∙h] [kg/m2∙h] [kg/m2∙h] 

Ethanol 

24.3 22.1 9.8 11.3 2.0 1.6 0.6 1.1 

34.4 30.7 10.7 13.9 2.0 3.2 1.6 1.6 

45.1 39.0 10.5 15.7 2.0 5.4 3.0 2.4 

Acetonitrile 

25.0 22.8 10.8 12.4 2.0 2.8 0.6 2.2 

34.9 29.8 11.4 15.1 2.0 4.5 1.6 2.9 

45.1 38.9 10.4 15.5 2.0 6.5 3.1 3.3 
 

Organic 

solvent 

Organic solvent conc. in feed Leaking solute 

(NaCl) flux 

Concentration 

factor 

Solute (NaCl) 

retention ratio in Feed Before operation After operation 

[wt%] [wt%] [g/m2∙h] [-] [%] 

Ethanol 

15.0 12.9 <0.01 1.04 >99.9 

15.0 12.2 <0.01 1.08 >99.9 

15.0 10.7 <0.01 1.15 >99.9 

Acetonitrile 

15.0 10.4 <0.01 1.07 >99.9 

15.0 9.0 <0.01 1.12 >99.9 

15.0 8.3 <0.01 1.18 >99.9 
1 Temperature of the feed at module inlet.  
2 Temperature of the feed at module outlet. 
3 Temperature of the cooling water at module inlet.  
4 Temperature of the cooling water at module outlet. 
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Figure Ⅳ-7 Total vapor flux for three kind of feeds, water (Table Ⅳ-2), ethanol/water and 

acetonitrile/water (Table Ⅳ-3), as a function of feed-in temperature [89]. 

 

These phenomena are qualitatively explained by Raoult’s law and Dalton’s law. In the 

case of an ideal solution, according to the Raoult’s law, the partial vapor pressure of 

component i in the mixture, Pi (kPa) is given by Equation (Ⅳ-9). The total vapor pressure, 

Ptotal (kPa)  is given by Equation (Ⅳ-10) according to Dalton’s law.  

𝑃𝑖= 𝑃𝑖
0𝜒𝑖  (Ⅳ-9) 

𝑃𝑡𝑜𝑡𝑎𝑙 = 𝑃𝑖= 𝑃𝑖
0𝜒𝑖  (Ⅳ-10) 

where 𝑃𝑖
0 (kPa) indicates the vapor pressure of pure liquid and 𝜒𝑖  the molar fraction of 

component i. In the case of non-ideal solution like ethanol/water mixture and 

acetonitrile/water mixture, it is necessary to consider the activity coefficient 𝛾 , and 

Equation (Ⅳ-9) is rewritten by Equation (Ⅳ-11) [137].  

 𝑃𝑖= 𝛾𝑖𝑃𝑖
0𝜒𝑖  (Ⅳ-11) 

where 𝛾𝑖 indicates the activity coefficient of component i. Activity coefficients can be 

calculate by Wilson equation [138]. In the case of the binary mixture of components i and 
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j, the activity coefficient of those components 𝛾𝑖 and 𝛾𝑗 are given by Equations (Ⅳ-12) 

and (Ⅳ-13), respectively.  

ln𝛾𝑖 = − ln(𝜒𝑖 + 𝛬𝑖𝑗𝜒𝑗) + 𝜒𝑗 (
𝛬𝑖𝑗

𝜒𝑖 +  𝛬𝑖𝑗𝜒𝑗
−

𝛬𝑗𝑖

 𝛬𝑗𝑖𝜒𝑖 + 𝜒𝑗
) 

 
(Ⅳ-12) 

ln𝛾𝑗 = −ln(𝛬𝑗𝑖𝜒𝑖 + 𝜒𝑗) − 𝜒𝑖 (
𝛬𝑖𝑗

𝜒𝑖 +  𝛬𝑖𝑗𝜒𝑗
−

𝛬𝑗𝑖

 𝛬𝑗𝑖𝜒𝑖 + 𝜒𝑗
) 

 
(Ⅳ-13) 

where Λij and Λji indicate the Wilson parameters. Those parameters are given by Equation 

(Ⅳ-14). 

𝛬𝑖𝑗 = 𝑒𝑥𝑝 (𝑎𝑖𝑗 +
𝑏𝑖𝑗

𝑇
) 

 
(Ⅳ-14) 

where aij and bij indicate the parameter coefficients, which are determined by the 

combination of the components i and j. T indicates absolute temperature [139]. Table Ⅳ-

4 shows aij, aji, bij and bji of ethanol/water mixture and acetonitrile/water mixture, which 

can be obtained from Aspen plus® [140].  

 

Table Ⅳ-4 The parameter coefficients for calculation of Wilson parameters of ethanol/water 

mixture and acetonitrile/water mixture. 

Component i Component j aij aji bij bji 

Ethanol Water -2.5035 -0.0503 346.151 -69.6372 

Acetonitrile Water -0.8487 1.0158 -386.606 -707.346 

 

Figure Ⅳ-8(a) shows the vapor pressure, Pi
0, of pure ethanol, acetonitrile and water as 

a function of temperature, calculated using the Antoine equation, Equation (Ⅳ-15) 

[89,135].  

𝑙𝑜𝑔 (
𝑃𝑖

0

100
)  = (𝐴𝑖 −

𝐵𝑖

𝑇 + 𝐶𝑖
) 

 
(Ⅳ-15) 
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where Ai, Bi and Ci are constants of Antoine’s equation, 100 is a factor to convert “kPa” 

to “bar”, since Pi is in “kPa”, and the pressure calculated with parameter shown in Table 

Ⅳ-5 is in “bar”. Table 5 shows Ai, Bi and Ci of ethanol, acetonitrile and water, which can 

be obtained from the website of National Institute of Standards and Technology (NIST). 

[117]  

 

Table Ⅳ-5 The constants of Antoine’s equation of ethanol, acetonitrile and water. By using these 

numbers, the unit of obtained vapor pressure is bar. 

Component Ai Bi Ci 

Ethanol 5.93296 2345.829 43.815 

Acetonitrile 5.37229 1670.409 -40.191 

Water 5.40221 1838.675 -31.737 

 

 

As observed from Figure Ⅳ-8(a), the order of vapor pressure of pure liquid is acetonitrile 

> ethanol > water across all temperature ranges [89]. 

Furthermore, the activity coefficient and vapor pressure of organic solvent and water 

were calculated using the feed-in temperature, coolant-in temperature, and molar fraction 

as operating conditions and are shown in Table Ⅳ-6. 
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Table Ⅳ-6 The activity coefficient, vapor pressure of organic solvent and water, calculated from the operating condition of feed-in temperature and 

coolant-in temperature of the module, and mol-fraction. 

Organic 

solvent 

Feed-in 1 

Temperature 
Organic 

solvent conc. 

Molar fraction  Activity coefficient  Vapor pressure 

Organic 

solvent 
Water 

 Organic 

solvent 
Water 

 Organic 

solvent 
Water Total 

[°C] [wt%] [-] [-]  [-] [-]  [kPa] [kPa] [kPa] 

Ethanol 

24.3 15.0 0.065 0.935  3.5 1.0  1.7 2.9 4.6 

34.4 15.0 0.065 0.935  3.6 1.0  3.1 5.2 8.2 

45.1 15.0 0.065 0.935  3.6 1.0  5.4 9.1 14.6 

Acetonitrile 

25.0 15.0 0.072 0.928  7.9 1.0  6.7 3.0 9.7 

34.9 15.0 0.072 0.928  7.6 1.0  10.1 5.3 15.4 

45.1 15.0 0.072 0.928  7.3 1.0  14.9 9.2 24.1 
 

Organic 

solvent 

Coolant-in 2  Vapor pressure 

Temperature 

Molar fraction  Activity coefficient  Vapor pressure  difference 

Organic 

solvent 
Water 

 Organic 

solvent 
Water 

 Organic 

solvent 
Water 

 Organic 

solvent 
Water 

[°C] [-] [-]  [-] [-]  [kPa] [kPa]  [kPa] [kPa] 

Ethanol 

9.8 0.000 1.000  - 1.0  - 1.2  1.7 1.7 

10.7 0.000 1.000  - 1.0  - 1.3  3.1 3.9 

10.5 0.000 1.000  - 1.0  - 1.3  5.4 7.9 

Acetonitrile 

10.8 0.000 1.000  - 1.0  - 1.3  6.7 1.7 

11.4 0.000 1.000  - 1.0  - 1.4  10.1 4.0 

10.4 0.000 1.000  - 1.0  - 1.3  14.9 7.9 
1 The property of the feed at module inlet.  
2 The property of the cooling water at module inlet. 
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Figure Ⅳ-8(b) illustrates the vapor pressure differences between the feed and permeate 

sides of ethanol/water and acetonitrile/water systems, as a function of feed-in temperature 

at startup under the experimental conditions specified in Table Ⅳ-3 [89]. In Figure Ⅳ-

8(b), the vapor pressure is calculated using the feed-in temperature and the coolant-in 

temperature. The molar fractions of organic solvents in the feed were set to 0.072 and 

0.065 for acetonitrile and ethanol, respectively, based on a 15 wt% aqueous solution. As 

the solvent concentration is zero at startup, the molar fractions of the organic solvents 

were put as zero on the permeate side. To simplify the calculation, a small contribution 

of the vapor pressure drop by NaCl in the feed was ignored. According to Figures Ⅳ-8(a) 

and Ⅳ-8(b), the total vapor pressure difference between the feed and permeate sides of 

the organic solvent/water mixture was greater than that between the feed and permeate 

sides of pure water, at the corresponding temperature under the experimental conditions 

listed in Table Ⅳ-3. In addition, the total vapor pressure difference of acetonitrile/water 

mixture was greater than that of ethanol/water. As a result, it is qualitatively understood 

that the reason for the increase in total vapor flux, caused by the addition of the organic 

solvent, is that the total vapor pressure difference increases. In addition, the reason for 

the total vapor flux for the acetonitrile/water mixture being slightly larger than that for 

the ethanol /water mixture was attributed to the difference in the total vapor pressure 

difference. As shown in Table Ⅳ-6 and Figure Ⅳ-8(b), the partial vapor pressure 

difference for acetonitrile was greater than that of ethanol. This is ascribed to the larger 

fraction of acetonitrile (0.072) in the mixture in comparison to ethanol (0.065), as well as, 

to the larger activity coefficient of acetonitrile. Thus, as shown in Table Ⅳ-3, the vapor 

flux of acetonitrile was higher than that of ethanol at similar feed-in temperatures. 

Moreover, the ratio of organic solvent vapor flux to the total vapor flux was comparable 

to or greater than that of water vapor flux, even though the molar fraction of organic 

solvent was lower than that of water. When DCMD was operated at around 25 °C of feed-

in temperature, the ratio of the acetonitrile and ethanol vapor fluxes to the total vapor flux 

exceeded 60%. This is because ethanol and acetonitrile have a much higher activity 

coefficient than water in an organic solvent/water mixture, as a result of which the partial 

vapor pressure of organic solvents becomes comparable or higher than that of water. 
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Figure Ⅳ-8 (a) Vapor pressure of acetonitrile, ethanol, water as a function of temperature. (b) 

Vapor pressure differences for etha-nol/water and acetonitrile/water systems between feed side 

and permeate side in the beginning of operation under the condition shown in Table Ⅳ-3 [89]. 

Open and closed symbols show the vapor pressure difference of acetonitrile/water mixture, and 

ethanol/water mixture, respectively. Triangles shows the partial vapor pressure difference of 

organic solvent, squares the partial vapor pressure difference of water, and circles the total vapor 

pressure difference. 

 

Ⅳ. 3. 2. 3. MD performance with various compositions of organic solvent 

The effect of the concentration of organic solvents in the feed was also investigated. 

Herein, the organic solvent/water mixture containing 1000 ppm NaCl was used as the 

feed, and the feed-in temperature and the coolant-in temperature were set to ≈25 °C and 

≈10 °C, respectively. The concentrations of ethanol and acetonitrile in the mixture were 

varied from 15–50 wt%. The experimental conditions and results are listed in Table Ⅳ-

7. The total vapor flux is plotted in Figure Ⅳ-9 as a function of the concentration of 

organic solvents, including pure water [89]. As observed, the total vapor flux of organic 

solvent/water mixture was higher than that of pure water, and increased as the organic 

solvent fraction increased. Additionally, as shown in Table Ⅳ-7, the organic solvent flux 

increased as the organic solvent fraction increased. Moreover, the total vapor flux and the 

organic solvent flux for the acetonitrile/water mixture were higher than for the 

ethanol/water mixture. 
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Table Ⅳ-7 Results of DCMD operation at about 25 °C with the feed which contains 1000 ppm NaCl and various concentration of ethanol or acetonitrile. 

Organic 

solvent 

Temperature Operating 

time 

Vapor flux 

Feed-in 1 Feed-out 2 Coolant-in 3 Coolant-out 4 Total Water Organic solvent 

[°C] [°C] [°C] [°C] [h] [kg/m2∙h] [kg/m2∙h] [kg/m2∙h] 

Ethanol 

24.3 22.1 9.8 11.3 2.0 1.6 0.6 1.1 

24.0 21.9 9.8 11.4 2.0 2.4 0.5 1.9 

24.2 21.9 9.8 11.3 2.0 3.4 0.8 2.6 

Acetonitrile 

25.0 22.8 10.8 12.4 2.0 2.8 0.6 2.2 

24.3 22.2 9.9 12.0 2.0 4.7 1.2 3.6 

24.3 22.1 9.7 11.7 2.0 5.3 1.0 4.2 

 

Organic 

solvent 

Organic solvent conc. in feed Leaking solute 

(NaCl) flux 

Concentration 

factor 

Solute (NaCl) 

retention ratio in Feed Before operation After operation 

[wt%] [wt%] [g/m2∙h] [-] [%] 

Ethanol 

15.0 12.9 <0.01 1.04 >99.9 

30.0 26.9 <0.01 1.06 >99.9 

50.0 47.6 <0.01 1.09 >99.9 

Acetonitrile 

15.0 10.4 <0.01 1.07 >99.9 

30.0 24.2 <0.01 1.13 >99.9 

50.0 45.6 <0.01 1.14 >99.9 
1 Temperature of the feed at module inlet.  
2 Temperature of the feed at module outlet.  
3 Temperature of the cooling water at module inlet.  
4 Temperature of the cooling water at module outlet. 
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Figure Ⅳ-9 The total vapor flux vs organic solvent composition of the feed. The data for water 

was from Table Ⅳ-2 [89]. 

 

These phenomena are qualitatively explained as follows: As shown in Equation (Ⅳ-

11), the partial vapor pressure increases with the molar fraction and the activity 

coefficient. Table 8 shows the activity coefficient, and vapor pressure of organic solvent 

and water in the feed and the permeate, which were calculated from the operating 

conditions of feed-in temperature, coolant-in temperature, and molar fraction shown in 

Table Ⅳ-7. As shown in Table Ⅳ-8, the molar fraction of acetonitrile is higher than that 

of ethanol in the mixture with the same wt%, and the activity coefficient of acetonitrile is 

higher than that of ethanol. In addition, as shown in Figure Ⅳ-8(a), the vapor pressure of 

pure acetonitrile is higher than that of pure ethanol at the same temperature. Thus, the 

partial vapor pressure of acetonitrile is higher than that of ethanol in the organic 

solvent/water mixture with the same wt% at the same temperature. To clearly show this 

situation, Figure Ⅳ-10 shows the vapor pressure difference at the startup of operation, 

under each condition [89]. It is obvious from Figure Ⅳ-10 that the total vapor pressure 

difference and the partial vapor pressure difference of the organic solvent simultaneously 

increased with the increase in its molar fraction. In addition, the partial vapor pressure 

differences of acetonitrile and of ethanol are higher than that of water, and the partial 

vapor pressure difference of acetonitrile is higher than that of ethanol. Consequently, the 

total vapor flux and the solvent flux simultaneously increased with the increase of the 

molar fraction of the organic solvent. Also, the total vapor flux and the solvent flux for 
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the acetonitrile/water mixture were higher than those of the ethanol/water mixture, since 

the total vapor pressure difference and the partial vapor pressure difference of the 

acetonitrile/water organic solvent mixture were higher than those of the ethanol/water 

mixture. 

Surprisingly, as demonstrated in Table Ⅳ-7, even when the feed contains 50 wt% 

ethanol or acetonitrile, the retention ratio of the solute was over 99.9%. This demonstrates 

that DCMD can be used to recover valuable solutes without losing any solute, even under 

such harsh conditions for the MD membrane. 

 

 

Figure Ⅳ-10 Vapor pressure differences between feed side and permeate side of ethanol/water 

and acetonitrile/water systems in the beginning of operation under the condition shown in Table 

Ⅳ-7 [89]. Open and closed symbols show the vapor pressure difference of ac-etonitrile/water 

mixture, and ethanol/water mixture, respectively. Triangles show the partial vapor pressure 

difference of organic solvent, squares the partial vapor pressure difference of water, and circles 

the total vapor pressure difference. 
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Table Ⅳ-8 The activity coefficient, vapor pressure of organic solvent and water, calculated from the operating conditions of feed-in temperature and 

mol-fraction. 

Organic 

solvent 

Feed-in 1 

Temperature 
Organic 

solvent conc. 

Molar fraction  Activity coefficient  Vapor pressure 

Organic 

solvent 
Water 

 Organic 

solvent 
Water 

 Organic 

solvent 
Water Total 

[°C] [wt%] [-] [-]  [-] [-]  [kPa] [kPa] [kPa] 

Ethanol 

24.3 15.0 0.065 0.935  3.5 1.0  1.7 2.9 4.6 

24.0 30.0 0.143 0.856  2.6 1.0  2.7 2.7 5.4 

24.2 50.0 0.281 0.719  1.8 1.2  3.8 2.5 6.3 

Acetonitrile 

25.0 15.0 0.072 0.928  7.9 1.0  6.7 3.0 9.7 

24.3 30.0 0.158 0.841  4.5 1.1  8.1 2.8 11.0 

24.3 50.0 0.305 0.695  2.5 1.3  8.9 2.8 11.6 
 

Organic 

solvent 

Coolant-in 2  Vapor pressure 

Temperature 

Molar fraction  Activity coefficient  Vapor pressure  difference 

Organic 

solvent 
Water 

 Organic 

solvent 
Water 

 Organic 

solvent 
Water 

 Organic 

solvent 
Water 

[°C] [-] [-]  [-] [-]  [kPa] [kPa]  [kPa] [kPa] 

Ethanol 

9.8 0.000 1.000  - 1.0  - 1.2  1.7 1.7  

9.8 0.000 1.000  - 1.0  - 1.2  2.7 1.5 

9.8 0.000 1.000  - 1.0  - 1.2  3.8 1.3 

Acetonitrile 

10.8 0.000 1.000  - 1.0  - 1.3  6.7 1.7 

9.9 0.000 1.000  - 1.0  - 1.2  8.1 1.6 

9.7 0.000 1.000  - 1.0  - 1.2  8.9 1.6 
1 The property of the feed at module inlet.  
2 The property of the cooling water at module inlet. 
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Ⅳ. 3. 2. 4. Effect of surfactant on MD performance 

Polysaccharides [141], phospholipids [142], and peptides [143] comprise valuable 

surface-active solutes. Surfactants are notoriously difficult to recover using MD because 

they significantly reduce the surface tension of the aqueous solution, increasing the risk 

of membrane wetting during MD operation. 

The effect of the surfactant in the feed on MD performance was investigated in this 

section to confirm the possibility of surface-active solute recovery via MD. The DCMD 

operation was performed for 2 hours with the feed containing 1000 ppm SDS as the model 

valuable surface-active solute along with 15 wt% acetonitrile, at feed and coolant 

temperatures of ≈25 °C and ≈10°C, respectively. The experimental condition and result 

are listed in Table Ⅳ-9. No SDS leakage was observed after two hours of operation, as 

indicated by the change in the cooling water conductivity. This result, therefore, indicates 

that DCMD with this membrane will be used to effectively recover surface-active solutes. 

  



93 

 

 

Table Ⅳ-9 Results of DCMD operation at 25 °C with the feed which contains 1000 ppm SDS and 15wt% of acetonitrile. 

Organic 

solvent 

Temperature Operating 

time 

Vapor flux 

Feed-in 1 Feed-out 2 Coolant-in 3 Coolant-out 4 Total Water Organic solvent 

[°C] [°C] [°C] [°C] [h] [kg/m2∙h] [kg/m2∙h] [kg/m2∙h] 

Acetonitrile 24.5 22.1 10.1 12.0 2.0 3.2 0.8 2.4 
 

 

Organic 

solvent 

Organic solvent conc. in feed Leaking solute 

(NaCl) flux 

Concentration 

factor 

Solute (NaCl) 

retention ratio in Feed Before operation After operation 

[wt%] [wt%] [g/m2∙h] [-] [%] 

Acetonitrile 15.0 10.1 <0.01 1.08 >99.9 
1 Temperature of the feed at module inlet.  

2 Temperature of the feed at module outlet.  

3 Temperature of the cooling water at module inlet.  

4 Temperature of the cooling water at module outlet. 
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Ⅳ. 4.  Conclusion 

In this chapter, DCMD operation using hydrophobized PVDF HF membranes was 

investigated to confirm a possibility of recovering heat-sensitive valuable solutes from 

organic solvents/water mixtures via MD as a non-heated process. At first, the possibility 

of DCMD operation at low feed temperature was evaluated using 1000 ppm NaCl 

aqueous solution as the feed, and it was confirmed DCMD could achieve 0.8 kg/m2·h of 

vapor flux even at feed and coolant temperatures of 25 °C and 10 °C, respectively. 

Furthermore, the NaCl retention ratio was observed to be > 99.9%, indicating that it was 

possible to operate DCMD at low feed temperature. Subsequently, the recovery of solutes 

from organic solvent/water mixtures was evaluated using ethanol/water and 

acetonitrile/water mixtures containing 1000 ppm NaCl. As a result, it was confirmed that 

DCMD could be applied for the recovery of solutes from organic solvent/water mixtures 

without causing membrane wetting or solute leakage. The effect of feed temperature (25, 

35, 45°C) and concentration of organic solvents (15, 30, 50 wt%) were also investigated 

using ethanol/water and acetonitrile/water mixtures containing 1000 ppm NaCl. The total 

vapor flux, as well as, the partial vapor flux of organic solvents simultaneously increased 

with the temperature and concentration of the organic solvents. These phenomena were 

qualitatively explained by changes in partial vapor pressure of organic solvent in the 

organic solvent/ water mixtures. Additionally, there was no solute leakage under any of 

the conditions. Furthermore, investigations using SDS as a model valuable surface-active 

solute also demonstrated the possibility of recovering surface-active solutes from organic 

solvent/water mixtures via DCMD. These findings, therefore, indicate that DCMD with 

a hydrophobic hollow fiber membrane will be applied for the recovery of valuable solutes 

from organic solvent/water mixtures as a non-heated process even under harsh condition 

where surface active solutes are included in the feed. 
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Chapter Ⅴ 
 

Conclusions 

 
In this thesis, the research on the required membrane properties for the stable long-

term MD operation was investigated from the viewpoint of avoiding membrane wetting. 

It is because that one of the biggest issues on the commercialization of MD is the 

membrane wetting. To solve the issues of membrane wetting, and to achieve the stable 

long-term MD operation, I investigated to reveal the required membrane properties for 

the stable long-term MD operation, by using four PVDF HF membranes. In addition, I 

investigated to solve the issue of scale precipitation in seawater desalination by VMD. 

Furthermore, I also investigated the recovery of valuable solutes from organic 

solvent/water mixtures as a new application of MD. The conclusions of this study are 

summarized below. 

 

1. Effect of the Characteristic Properties of Membrane on Long-Term Stability in 

the Vacuum Membrane Distillation Process  

In Chapter Ⅱ, I attempted to evaluate membrane properties that affect the long-term 

stability of membranes using a VMD system. First, I fabricated two different types of 

PVDF hollow fiber membranes, M-1 and M-3, then obtained M-2 and M-4 by treating 

M-1 and M-3 with hydrophobic agents, respectively. Regarding salt retention, I evaluated 

the salt retention factor using both the salt in the permeate, and also the salt retained on 

the shell surface of the membrane. Consequently, it was evident that the higher the LEP, 

the higher the salt retention and vapor flux stability. Theoretically, it should be possible 

to operate MD without wetting if the LEP of the membrane is higher than the pressure 

difference between the feed and permeate. However, practically, a much higher LEP than 

the practical pressure difference was necessary to operate the VMD stably. In the VMD 

system reported here, in which the vapor pressure difference was approximately 0.1 MPa, 

it was found that in the case where the LEP was higher than approximately 0.32 MPa, the 

decrease in vapor flux was less than 10% and the total salt retention factor was over 99.8% 

during the 100-h VMD operation. Furthermore, I attempted the 300-h VMD operation 
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using a pilot-scale MD system, which installed the membrane with an LEP of 0.37 MPa 

(M-2), and demonstrated that the M-2 pilot-scale module was very stable for long-term 

operations. 

 

2. Effect of membrane properties and operating conditions on preventing scale 

precipitation in seawater desalination with vacuum membrane distillation 

In Chapter Ⅲ, I investigated the required membrane properties and operating 

conditions on preventing scale precipitation, which is a severe problem for seawater 

desalination with MD operation. I focused on Reynolds number of the feed flowing inside 

of HF membrane because the feed flow in the module changes from a laminar flow to a 

turbulent flow at a particular Reynolds number. Turbulent flow decreases the 

concentration polarization at the bulk/membrane interface and decreases scale formation. 

VMD operation was performed using two types of hydrophobized PVDF hollow fibers 

with similar morphologies and different inner and outer diameters, using real seawater as 

a feed. Results of the pressure drop in the module reveal that the feed flow changed from 

laminar flow to turbulent flow at a Reynolds number greater than 1000. Further, the extent 

of scale precipitation was mainly influenced by the Reynolds number of the feed flow 

rather than the linear velocity. As expected, the scale precipitation satisfactorily decreased 

in the case where Reynolds number of the feed flow was over 1200. This phenomenon 

was qualitatively explained by the decrease in concentration polarization with the 

Reynolds number. The vapor flux increased with the Reynolds number, which is the 

increase in linear velocity of the feed. This was due to the increase in the mean 

temperature of the feed in the module, resulting in an increase in the vapor pressure 

difference as a driving force. In addition, the vapor flux was very stable during 24 h of 

operation at high Reynolds numbers. Regarding the membrane size, it was confirmed that 

the scale precipitation through the HF with a larger inner diameter was less than that 

through the HF with a small inner diameter under the same linear velocity of feed flow. 

This was because the Reynolds number of the feed flow through the HF with a larger 

inner diameter was larger than that through the HF with a small inner diameter, even at 

the same linear feed velocity. It was also confirmed that the pressure drop in the module 

with HF with a larger inner diameter was lower than that in the module with HF with a 

smaller inner diameter.  
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Selecting a larger inner diameter HF membrane and operating at a higher linear 

velocity in which a Reynolds number of >1200 is required to prevent scale precipitation 

without excessive pressure drop. This study provides guidelines for determining suitable 

membrane properties and VMD operating conditions. 

 

3. Recovery of Valuable Solutes from Organic Solvent/Water Mixtures via Direct 

Contact Membrane Distillation (DCMD) as a Non-Heated Process 

In Chapter Ⅳ, I investigated the recovery of valuable solutes from organic 

solvent/water mixtures as a new application of MD. The organic solvent/water mixtures 

are treated in various processes such as chemical, food, and pharmaceutical processes. A 

treatment of organic solvent/water mixtures with MD has a risk of membrane wetting, 

since the organic solvent in feed solution decreases the surface tension of the aqueous 

feed solution. Nevertheless, there would be many merits in applying MD into these 

processes, such as less membrane fouling than the conventional membrane processes 

using TMP as the driving force. In addition, MD can treat a heat-sensitive, and pressure 

sensitive materials. In order to confirm a possibility of recovering heat-sensitive valuable 

solutes from organic solvents/water mixtures via MD as a non-heated process, I 

investigated DCMD operation using hydrophobized PVDF HF membranes. At first, the 

possibility of DCMD operation at low feed temperature was evaluated using 1000 ppm 

NaCl aqueous solution as the feed, and it was confirmed DCMD could achieve 0.8 

kg/m2·h of vapor flux even at feed and coolant temperatures of 25 °C and 10 °C, 

respectively. Furthermore, the NaCl retention ratio was observed to be >99.9%, indicating 

that it was possible to operate DCMD at low feed temperature. Subsequently, the recovery 

of solutes from organic solvent/water mixtures was evaluated using ethanol/water and 

acetonitrile/water mixtures containing 1000 ppm NaCl as a model valuable solute. As a 

result, it was confirmed that DCMD could be applied for the recovery of solutes from 

organic solvent/water mixtures without causing membrane wetting or solute leakage, by 

using a super hydrophobic membrane. The effect of feed temperature (25, 35, 45°C) and 

concentration of organic solvents (15, 30, 50 wt%) were also investigated using 

ethanol/water and acetonitrile/water mixtures containing 1000 ppm NaCl. The total vapor 

flux, as well as, the partial vapor flux of organic solvents simultaneously increased with 

the temperature and concentration of the organic solvents. These phenomena were 
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qualitatively explained by changes in partial vapor pressure of organic solvent in the 

organic solvent/ water mixtures. Additionally, there was no solute leakage under any of 

the conditions. Furthermore, investigations using SDS as a model valuable surface-active 

solute also demonstrated the possibility of recovering surface-active solutes from organic 

solvent/water mixtures via DCMD. These findings, therefore, indicate that DCMD with 

a hydrophobic hollow fiber membrane will be applied for the recovery of valuable solutes 

from organic solvent/water mixtures as a non-heated process even under harsh condition 

where surface active solutes are included in the feed.  

 

Perspective 

In this thesis, I investigated to improve the membrane properties and operating 

methods, from the viewpoint of achieving the stable long-term MD operation. It is 

because that poor stability is one of the biggest obstacles to commercialization of MD. 

As a result, I revealed the required membrane characteristics for VMD, in which much 

higher LEP than TMP is needed. In addition, I also investigated to avoid scale 

precipitation in seawater desalination, and revealed that the amount of scale precipitation 

can be reduced significantly under the condition with >1200 of Reynolds number of the 

feed. It is considered that these results paved the way for commercialization in the 

desalination application by MD. Regarding the new application of MD, I could 

demonstrate to handle the organic solvent/water mixtures without heating, which has 

rarely been conducted in the previous MD studies. So, it is considered that this result can 

open up new possibilities for MD. I hope that the results of my study will advance the 

practical application of MD, and help to solve the global issue of water shortage. 
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Nomenclature 

Symbols Description Units 

aij, aji, 

bij, bji 
Parameter coefficients determined by the components i and j - 

A Total membrane bore surface area m2 

B Geometric factor determined by pore structure - 

Cb,f Solute concentration in the bulk feed wt% 

Cc Solute concentrations in cooling water after the operation wt% 

Cc
0 Solute concentrations in cooling water before the operation wt% 

Cf Salt concentration in feed water wt% 

Ci Concentration of dissolved cations in cleaning water wt% 

Cm,f Solute concentration at the bulk/membrane interface wt% 

Cos Organic solvent concentration of cooling water after the operation wt% 

Cos
0 Organic solvent concentration of cooling water before the operation wt% 

Cosv Organic solvent concentration in vapor wt% 

Cp Salt concentration in permeated water wt% 

Cp
0 Accurate salt concentration of permeated water wt% 

Csf Solute concentration in the feed after the operation wt% 

Csf
0 Solute concentration in the feed before the operation wt% 

Cw Salt concentration in washing water wt% 

d Diameter of the flow path m 

dh Hydraulic diameter m 

dp Membrane pore diameter m 

D Diffusion coefficient of the solute m2/s 

DW Diffusion coefficient of water m2/s 

F Concentration factor - 

f Friction coefficient - 

fl Friction coefficient of laminar flow - 

ft Friction coefficient of turbulent flow - 

J Vapor flux kg/m2·h 

Jp Total permeate vapor flux kg/m2·h 

Js Total leaking solute flux g/m2·h 

Jsp Leaking salt flux into permeated water g/m2·h 

Jsr Leaking salt flux remaining on shell surface of membrane g/m2·h 

Jst Total leaking salt flux g/m2·h 

Jos Organic solvent vapor flux kg/m2·h 

Jw Water vapor flux kg/m2·h 
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k Solute mass transfer coefficient m/s 

kB Boltzmann constant - 

Kn Knudsen number - 

L Length of hollow fiber membrane m 

l Length of the feed channel m 

LEP Liquid entry pressure Pa 

msf Amount of solute in the feed after the operation kg 

msf
0 Amount of solute in the feed before the operation kg 

mp Weight of salt in permeated water kg 

mp
0 Weight of total permeated salt kg 

mr Weight of salt remaining on shell surface of membrane kg 

ms Amount of scale precipitation g 

Mi Molecular weight of dissolved cations g/mol 

Ms Molecular weight of scale g/mol 

MW Molecular weight of water g/mol 

P Total pressure in the membrane pore Pa 

pa Air pressure in the membrane pore Pa 

Pfeed Saturated vapor pressure at membrane surface of the feed side kPa 

Pi Partial vapor pressure of component i kPa 

Pi
0 Vapor pressure of pure liquid i kPa 

Pm Mean pressure within the pore Pa 

Ptotal Total vapor pressure kPa 

Ppermeate Saturated vapor pressure at membrane surface of the feed side kPa 

P Pressure drop Pa 

Pl Pressure drop of laminar flow Pa 

Pt Pressure drop of turbulent flow Pa 

R Gas constant J/K·mol 

r Membrane pore radius m 

rF Salt retention factor % 

rmax Maximum pore radius of membrane m 

ru Pore size of the membrane composed of uniform size pore m 

Re Reynolds number - 

Sc Schmidt number - 

Sh Sherwood number - 

T Absolute temperature K 

t Operation time h 

Wa Total amount of cleaning solution g 

Wc Weight of cooling water after the operation kg 
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Wc
0 Weight of cooling water before the operation kg 

Wf Weight of the feed after the operation kg 

Wf
0 Weight of the feed before the operation kg 

Wos Weight of permeated organic solvent through membrane kg 

Wp Weight of permeated water kg 

Wt Total weight of permeate kg 

Ww Weight of washing water kg 

 Vapor permeation coefficient kg/m2·h·kPa 

β Solute retention ratio in the feed % 

γi Activity coefficient of component i - 

 Membrane thickness m 

 Thickness of the boundary layer m 

ε membrane porosity - 

θ Contact angle of liquid ° 

 Mean free path of vapor molecule m 

Λij, Λji Wilson parameters of the binary mixture of components i and j  

W Mean free path of water vapor molecule m 

 Viscosity of the fluid Pa·s 

 Linear velocity of the fluid m/s 

 Density of the fluid kg/m3 

σ Collision diameter of the vapor molecule m 

σL a surface tension of liquid kg/s2 

τ Pore tortuosity of the membrane - 

 Linear velocity of the fluid m/s 

χi Molar fraction of component i - 
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